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INTRODUCTION
The Meyers Process for the chemical removal of pyritic sulfur from coal

is a TRW proprietary process (1) which is currently in a bench scale develop-
ment phase under the sponsorship of the Demonstration Projects Branch of the
Environmental Protection Agency. Laboratory results, which preceded the
current bench scale activities, are presented here. These results show

that 40-75% of the total 'sulfur content, corresponding to near 100% of the
pyritic sulfur can be removed from all coals tested utilizing a mild aqueous
extraction. The background for the process concept and a summary of the
results of over one hundred coal extractions are presented below.

BACKGROUND

The concept of chemically removihg pyrites from coal has not heretofore
been advanced as a solution to the sulfur oxide air pollution problem as it
is known that iron pyrites are insoluble in any known liquids. For example,
the acids hydrochloric, hydrofluoric, sulfuric or combinations of these,
which dissolve many inorganic salts have little or no effect on iron
.pyrites. On the other hand, it is well known that pyrites may be oxidatively
converted to sulfates, soluble in strong acid, by strong oxidizing agents
such as nitric acid -or hydrogen peroxide. In fact, they haVe Tong been
used for the analysis of the pyritic sulfur content of coal. However, these
reagents have never seriously been advanced as a method for lowering the
sulfur content of coal, because even though they are strong enough to
dissolve pyrite, they also oxidize (in the case of nitric acid, nitrate)
the coal matrix. Thus, it was not thought possible to devise a process
for chemically removing or dissolving the pyritic sulfur content of coal.

In order to provide an economically viable process for the chemical
removal of pyrites from coal, it would be necessary to utilize an oxidizing
agent (most likely aqueoué) which is a) selective to pyrite, b) regenerable,
and c¢) highly soluble in both oxidizing and reduced form. It was discovered
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that either ferric sulfate or ferric chloride meets the above combination
of requirements, and these reagents form the basis of the process chemistry
which is described in this paper.

CHEMISTRY

In the Meyers Process, aqueous ferric sulfate or chloride (mild but
effective oxidizing agents) selectively oxidize the pyritic sulfur content
(2) (3) of coal to form free sulfur and sulfate which dissolves into the
aqueous solution. The free sulfur may then be removed from the coal matrix
by steam or vacuum vaporization or solvent extraction (4) and the oxidizing
agent may be regenerated and recycled. The chemistry is outlined in eqs 1-4

below.
2 Fe'3 + Fes, —=3 Fe'? + 25 (1)
14 Fe*> + 8 H,0 + FeS,—15 Fe*? + 2 50, + 16" (2)
S « Coal ——— S + Coal (3)
3 Fe*2 + 372 [0]—=3 Fe*3 + 3/2 [0=] (4)

The aqueous extract solution which contains iron in both the ferrous
and ferric state, may be regenerated, in any number of ways, including air
oxidation of the ferrous ion to ferric (eq 4) (5). Another fortunate
aspect of this process lies in the fact that "iron is used to remove iron",

i, so that on regeneration it is not necessary to separate the iron which is

extracted from the coal from a metal oxidizing agent.

The experimental method is quite simple, involving treatment of coal
with aqueous ferric chloride or sulfate solution at approximately 100°C to
convert the pyritic sulfur content to elemental sulfur and sulfate. The
aqueous solution is separated from the coal and the coal is washed to
remove residual ferric salt. The elemental sulfur which is dispersed in
the coal matrix is then removed by vacuum distillation or extraction with
a solvent such as toluene or kerosene. The resulting coal is basically
pyrite free and may be used as low sulfur fuel.




RESULTS

Four coals were selected for process evaluation whose sulfur form
distribution is typical of coals east of the Mississippi River and which
represent major United States coal beds: Pittsburgh, Lower Kittanning,
I1linois #5 and Herrin #6. The Pittsburgh bed has been described as the
most valuable individual mineral depbsit in the United States and perhaps
in the world. 'Its production accounts for approximately 35% of the total
cumulative production of the Appalachian bituminous coal basin to January 1,
1§65, and 21% of the total cumulative production of the United States to
that date (6). The Lower Kittanning bed together with its correlative beds
contains even larger.reserves than the Pittsburgh seam. The No. 5 bed is
the most widespread and commercially valuable coal bed in the Eastern
interior coal basin. The Herrin No. 6 bed is second in commercial importance
only to the No. 5 bed. - '

Analysis fo the four coal samples that were used for this study are
shown in Table 1. The indicated tolerances are the standard deviations.
Five or more coal samples were used for sulfur, ash and heat content
analyses while three or more samples were used for sulfur forms analysis (7).

Table 1
Dry Analyses of Coals

Lower ~
Kittanning IN1Tinois #5 Pittsburgh Herrin #6

Pyritic 3.58 + .08 1.57 + .03 1.20 + .07 . .04
Sulfur

Sulfate 0.04 + .01 0.05 + .01 0.01 + .01 . .01
Sulfur

Organic 0.67+ .10 | 1.8+ .02 0.68+ .16 | 2. .06

Sulfur

Total 4,29 + .06 3.48 + .03 1.88 + .07 | . .04
Sulfur

Ash 20.77 + .59 10.96 + .26 | 22.73 + .48 10.31 + .28
Btu 12,140 + 55 12,801 + 58 | 11,493 + 60 12,684 + 55

Rank Medium Volatile | High Volatile B]JHiah Volatile AJHigh Volatile B
Bituminous Bituminous Bituminous Bituminous




Both ferric chloride and ferric sulfate have been used in this study
with good results. However, from a process standpoint, ferric sulfate has
the following advantages: a) it is less corrosive, b) regeneration is less
complicated and expensive in that the iron sulfate formed (equation 2) does
not have to be separated from iron chloride, and c) the removal of residual
leach solution is easier and therefore more economical.

It has been found that the extent of the reaction indicated by equation 2
relative to that of equation 1 or the sulfate to sulfur ratio to be 2.4 + .2
' when rock pyrite is used and 1.4 + .4 for sedementary pyrite found in the
coals used in this work. Although both materials are FeS2 of the same cry-
stal structure, differences in reactivity have been documented which have
been attributed to impurities and crystal defects peculiar to the various
possible modes of formation (3a). In the case of coal, no significant vari-
ation in this ratio was found with ferric ion concentration, acid concentra-
tion, coal or reaction time. The results for each coal are found in Table 2.

Table 2

Sulfate to Sulfur Ratio for Extraction of Coal
.and Mineral Pyrite with Ferric Chloride Solution

Substrate Sulfate to Sulfur Ratio
(Average A11 Runs)

Mineral Pyrite _ a

N

S w o s
I+ I+ |+ |+ |+

Lower Kittanning
I11inois #5
Pittsburgh -
Herrin #6

w W S w

_— - = = N
.

.
.

3Standard deviation

A systematic parametric study was made in order to determine the effect
of acid concentration, coal particle size, ferrous and sulfate ion concen-
tration, and reaction time, on pyrite removal. These parameters were studied
using conditions (see Experimental) that give 40-70% pyritic sulfur removal
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so that the effects of parameter variations are clear and not be so small
as to be masked by experimenta1 errorbas when removal is greater than
85-90%. In addition, studies were performed to demonstratev90-100% pyritic
sulfur removal with both ferric chloride and sulfate as well as a set of
experiments that were designed point up differences between ferric sulfate
and ferric chloride.

The effect of added hydrochloric acid concentration was studied in
order to determine whether or not the acid had any effect on pyrite and

* ash removal, sulfate/sulfur ratio, final heat content and whether high HC1

concentrations chlorinated the coal. Since coal has many basic ash consti-
tuents, increased ash removal was expected as well as some suppression of
the sulfate to sulfur ratio since the reaction that results in sulfate
formation also yields eight moles of hydrogen ion per mole of sulfate
(common ion effect). Added acid was studied in the range of 0.0 to 1.2M
using concentrations of 0.0, 0.1, 0.3 and 1.2M hydrochloric acid in 0.9M
ferric chloride. Duplicate runs were made at each concentration with all
four coals for a total of 32 runs. The results showed no clear cut trends
even (except one-vide infra) when the data was smoothed via computer
regression analysis. 'Apparent1y, the concentration range was not broad
enough to have any substantial effect on the production of sulfate or to
cause the removal of additional ash over that which is removed by the pH
of M ferric chloride (XpH 2).

An important consideration in any chemical process is the selectivity
for the desired reaction. In the case of oxidative leaching of pyrite by
ferric ion, the extent of the reaction of the reagent with the coal matrix
has a major effect on the process economics. We have found that the extent

‘of this reaction varies from small to substantial depending on the acid

concentration, coal, and ferric anion. In order to define this effect
quantitatively, the ratio of actual mmoles of ferrous ion produced to the
mmoles of ferrous ion necessary to produce the sulfate and elemental sulfur
that was recovered was calculated for each run (see equations 1 and 2).

This ratio, Fe(II)[Experimental]/Fe(II)[Ca]cu]ated], has a value of one

for 100% selectivity and a higher value for less than 100% selectivity.

The data, for ferric chloride, in Table 3 were smoothed by linear regression




analysis using the values generated in the acid matrix while the ferric
sulfate values are the average of triplicate runs.

Table 3

Variation of Ferric Ion Consumption with Acid
Concentration and Ferric Anion

Fe(II)(Expt)/Fe(Il){Calc)

0.9N FeCl, 0.4N Fe,(S0,),

0.0M HC1  1.2M HC1 0.0M H2 SO4

Lower Kittanning 1.2 1.4 1.2
I11inois No. 5 3.8 6.6 1.6
Pittsburgh 2.2 3.4 1.5
Herrin No. 6 3.7 6.4 2.4

It is readily apparent that the higher ranked Appalachian (Lower
Kittanning and Pittsburgh) coals react to a lesser extent with ferric ion
under all experimental conditions than the lower ranked Eastern interior
(IMlinois #5 and Herrin #6) coals. In addition, the ferric chloride runs
show that a very substantial acid catalyzed reaction occurs in this system
* which is most evident for the I11inois #5 and Herrin #6 coals. In these
Acoa]s, a reduction of about 42% in ferric ion consumption is observed
when the starting HC1 concentration is reduced from 1.2M to 0.0M. The
corresponding reductions for Pittsburgh and Lower Kittanning coals are 35%
and 14% respectively. When ferric sulfate is used, further reductions in
ferric ion consumption ranging from 3% for Lower Kittanning coal to 63% for
INlinois #5 coal are observed. From these early data, it appears that

ferric sulfate is the preferred form of ferric ion in order to increase
selectivity. '

" The data listed in Table 4 illustrate the effect of top mesh size on
pyritic sulfur removal. The coal samples were prepared by the same comminution
techniques and consequently, the size distribution of the samples should be

e =



Table 4
Effect of Top Mesh Size on Pyritic Sulfur Removal

Sulfur Removed@

Coal S1/4 0 <14 =100

Lower Kittanning 35 60 65

I1linois No. 5 35 50
Pittsburgh 45 - 60
Herrin No. 6 70 50

. %alues rounded to nearest 5%

similar for each coal (8). In general, a increase of pyrite removal is
observed for smaller top sizes as expected due to exposure of pyrite encap-
sulated within the coal matrix. The 111inois #5 and Herrin #6 coals deserve
special comment because reaction of the ferric ion with the coal matrix
resulted in greater than 75% depletion of the reagent. For the #5 coal, this
effect was approximately the same for all three sizes and the resulting
depletion of the reagent may have had a leveling effect on the results. In
the case of the #6 coal, substantially less ferric ion was consumed by the

" ~14 mesh coal (68 vs. >95%) which is probably the reason for the increased
removal. Thus, while the use of a larger coal top size reduces pyrite
removal, it is not a strong function of mesh size. It is expected that the
internal surface and permeability of the coal to aqueous media are important
factors along with the surface exposure of pyrite caused by grinding. 1In
addition, the top mesh size may have an effect on the ultimate amount of
pyrite removal, and further research is necessary to clarify the exact
nature of these effects.

An examination of equations 1 and 2 shows that both ferrous ion and
sulfate ion could have a retarding effect on pyrite extraction. It could " -
also be expected that the rate is dependent on the ferric ion concentration.




Because a commercial process may require the use of various ferric-ferrous ion

concentration mixtures, these are important parameters. Work with mineral
pyrite has indicated that there is no significant rate difference with
ferric ion concentration between 0.5 and 3.0M as long as enough ferric
jon is present to dissolve all the material. Results with -100 and -14
mesh Lower Kittanning coal using both ferric sulfate and ferric chloride
indicate virtually (+2%) the same removal when the leach is 1.0, 2.0 or
2.5M in ferric ion. The use of 0.5M ferric chloride seems to increase
pyrite removal by more than 10%. In addition, a series of experiments
were performed with a starting ferrous ion concentration of 0.5M and a
ferric ion concentration of 1.0M. Under the conditions used, a reduction
of pyrite removal of 7-8% from a baseline of 62% was observed. Thus, the
effect of ferrous jon, when present, is small.

Since the use of ferric sulfate in a process has several advantages
over ferric chloride, a test matrix was performed, summarized in Table 5,

Table 5
Comparison of Ferric Sulfate and Chloride for Pyrite Removal®

Pyritic Sulfur Ferric Sulfate
Removed Treated ngl
% w/w (0.4N Fe ")
% w/w Sulfate

+++ +++ Removal
0.48 Fe 0.9N Fe ™" . Correction,
C1. 504 Initial Final abs %

cl 504

Lower Kittanning] 43 - 38 ] 43 54 0.07 0.17 +3
IMlinois #5 48 43 | 50 0.05 0.17 . +8

Pittsburgh 50 33 |58 0.01 0.08 +7

Herrin #6 35 33 |52 0.05 0.20 +9

3Conditions: 600 ml 0.4 and 0.9N Fe+3 solution, 100 g -100 mesh top
size coal, refluxed at 100°C for 2 hrs.

bIncr-ease ferric sulfate extraction values by this % to correct for
retained sulfate. :




to compare the ability of ferric sulfate to remove pyritic sulfur from all
four coals. Utilizing solutions 0.4N in ferric ion, it was found that

slightly less sulfur was removed by ferric sulfate than was indicated with
ferric chloride. However, when a solution of 0.9N in ferric ion was used,
it was found that ferric sulfate removed an equal or greater amount of
sulfur than ferric chloride. Analysis of the coals also showed that a
small amount of sulfate remains with the coal after a simple washing
procedure. Preliminary results show that this can be reduced to starting
values using more rigorous washing procedures. If we assure that all the
sulfate can be removed, then the values for sulfur removal by ferric sul-
fate extraction can be raised 3 to 9% depending on the coal. '

Attempts to increase pyrite removal by increasing the reaction time
met with limited success under our standard conditions due to the fact
that reaction of the ferric ion with the coal matrix depleted the ferric
ion needed for extraction of the pyrite.. Thus, for example, increasing
the coal reaction time from 2 to 12 hours only increased pyritic sulfur
removal from 60 to 80 percent for Pittsburgh coal. Similar results were
obtained for the other three coals. The only alternatives were to in-
crease the amount of leach solution or use a continuous or semi-continuous
(multiple batch) reactor. A multiple batch mode was chosen because it was
a simple laboratory procedure and at the same time could approximate con-
ditions encountered in a commercial plant. A 1 hr per batch leach time
was used becadsé our 2 hr results indicated that in the early stages of
removal the rate begins to tail off after 1 hr and six leaches (or batches)
per run were used in order to assure that any pyrite that could be removed
in a reasonable amount of time was removed. The progress of removal was
monitored by analyzing the sulfate content in each spent leach solution,
while elemental sulfur was not removed until all the leaches were completed.
Table 6 shows pyrite extraction as a function of successive leaches as
followed by sulfate analysis of the leach solution. Note that the
major portion of pyritic sulfur is removed in the first two leaches
or two hours, followed by lesser amounts in the third and fourth
leaches and'only small amounts in the final two leaches.
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Table 6
Pyrite Extraction as a Function of Successive Leaches

Lower Kittanning | Pittsburgh | I111inois #5 | Herrin #6

Initial Pyritic
Sulfur, mmol 102 37.5 43.4

Extracted Pyritic
Sulfur as Sulfate?
mmo1 1

2
3
4
5
6

47 nominal 40% of the pyritic sulfur remains with the coal as elemental
sulfur. A1l indications are that the sulfur to sulfate ratio is constant.

The results in terms of final sulfur values and pyrite removal are
given in Table 7. Note that pyritic removal computed from either sulfur
forms analyses or the difference in total sulfur between processed and
untreated coal (Eschka analysis) resulted in essentially identical values
of 93 - 100%. This corresponds to total sulfur removal of 40-70%
depending on the organic sulfur content of the coal. The observation of
.greater than 100% removal is due cumulative error in analysis and the
removal of small amounts of sulfate (0.02-0.04%). Presently, these
experiments are being duplicated using ferric sulfate, and preliminary
analysis indicates the same results.
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CONCLUSION

The use of ferric chloride or sulfate to remove pyritic sulfur from
coal has been demonstrated to be a feasible process to remove pyritic
sulfur from coal with high selectivity. In addition, it has been shown
that this removal is not affected to any great extent by the presence of
ferrous, sulfate, or hydrogen ions, or coal mesh size. The use of six
1 hr leaches gives 93-100% pyritic sulfur removal.

EXPERIMENTAL

Sampling. A determined effort was made to obtain samples with
uniform composition. The cleaned coal samples were taken by the U.S.
Bureau of Mines (Lower Kittanning and Pittsburgh) and the I1linois
Geological Survey (I11inois #5 and Herrin #6). Each gross sample
(-1/4 x 0) was coned and quartered or riffled to smaller samples and
ground to the desired mesh sizes by the appropriate ASTM method. The
analysis in Table 1 are an average of determinations on five or more
samples representing both -14 and -100 mesh samples taken or ground on
several different occasions.

Standard Runs. Coal, 100 g, of the desired mesh (-14 x 0 or -100 x 0)

'_ was added to a 1-1. resin kettle equipped with a stirrer and reflux con-

denser together with 600 ml ferric chloride or ferric sulfate 1M in ferric
ion. The solution was brought to reflux (102°C) for the desired time
(usually 2 hrs), filtered and washed thoroughly on the filter funnel. This
washing procedure was sufficient for runs using ferric sulfate, but a much
more thorough washing procedure is necessary in the ferric chloride runs
to reduce the chloride content to usable levels. After removal of the
jron salts, the coal was refluxed with 400 m1 toluene for 1 hour to remove
the sulfur from the coal, then the coal was dried at 150°C under vacuum.
A1l calculations are based upon the dry weight of the coal.

_— ke e e A
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Multiple Pass Runs were performed ..: the same way except that the
ferric chloride was changed every hour for total reactioh time of 6 hours
and the ferric sulfate was changed at 1, 2.5, 4.5 hrs with a total reaction
time of 8.5 hrs. After the final filtration and wash, the sulfur was
removed by toluene extraction and the coal dried in the normal manner.

Coal analyses were performed by Commercial Testing and Engineering
Co., Chicago, I11inois. Data handling and curve fitting were done on the
TRW Timeshare/CDC 6500 computer system.
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ASSESSMENT OF THE MEYERS' PROCESS FOR.
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INTRODUCTION

Combustion cf coal for heat, steam, and electrical power generation is by
far the largest sinale source of atmospheric sulfur dioxide pollution in the
United States; it currently accounts for about two-thirds of the total suifur
oxide emissicns. The Federal government has established Standards of Perfor-
mance for New Stationary Sources (1}. These standards limit the discharce of
sulfur dioxide into the atmospnere to 1.2 pounds oer million Btu's of heat
input for solid fossil fuel combustion operations generating more than 250 mil-
Tion Btu's per hour. This emission 1imit corresponds to a maximum sulfur
content restriction of 0.6 - 0.8% for most Eastern coals. However, coal for
utitity consumption averages about 2.5 - 3.0% sulfur. The Mevers' Process
presents a new and potentialiy low cost approach to meeting a significant
portion of the requirement for low sulfur coal.

The Meyers® Process, initially developed by TRW, Inc., utilizes a simple
chemical leaching method to remove iron pyrite from the coal watrix, The
process is presently at a bench-scale develooment phase, under sponsorship
of the Control Svstems Division, Oifice of Research and Monitoring, Environ-
mental Protection Agency, with an objective of obtaining all data necessary
for the design and operation of a pilot or, eventually, a demonstration plant.

This paper presents the results of preliminary commercial scale process
engineering and econcmic assessments of the Mevers' Process and describes the
potential of the process for ccrverting current steam coal production to a
sulfur level consistent with Federal reau]at1ons for contro111nq sulfur dioxide
emissions fron stationary sources.
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GENERAL PROCESS CHEMISTRY

The basis for the Meyers' Process for the removal of inorganic (pyritic)
sulfur from coal involves contacting the iron pyrite in the coal with an
aqueous ferric sulfate solution and oxidizing the pyritic sulfur to elemental
sulfur, The free sulfur can then be removed from the coal matrix by solvent
extraction or various other processina methods (e.g., steam or vacuum vapori-
zation), and the oxidizing agent can be regenerated (e.g., by air oxidation)
and recycled.

The chemistry associated with the process can be illustrated for the
individual process operat1ons as follows:

+2

Leacher: 2 Fe*3 + fes, - Coal > 3 Fe'®+2S - Coal (1)
Sulfur Recovery: S:f Coal -+ S (elemental) + Coal (2)
Regeneration: 3 Fe'2 + 3/4. 0, » 3 Fe'> +3/2 [0-] (3)

In addition, about €0 percent of the pyritic sulfur content of the coal has
been found to oxidize to sulfate which dissolves in the aqueous leaching
solution. The postulated chemistry for sulfate formation during the pyrite
leaching is:

Y4250, + 16 H' ()

FeS, + 14 Fe' + 8 H,0 ~ 15 Fe

The unique aspect of this process is that iron is used to remove ircn.
MNso, the ctilization of an iron sulfate leaching system eliminates the rossi-
bility of depositing extraneous chemicals on the coal (both iron and sulfate
ara present in raw coal). Since the leaching solution can be regenerated,
the process, when viewed as a unit, removes iron pyrite from coal by utilizina
air (or oxygen) as a raw material and produces elemental sulfur and iron sul-
fates and/or iron oxides as products.

PROCESS ENGINEERING

The prooosed process design is based mainly on the results of laboratory
and bench-scale exverimentation studies dealing with Lower Kittanning coal.
The base case processing rate was selected at 100 tons of coal per hour (equi-
valent to a 250 M utility output) with approxinately 3.2 tons per hour of
pyritic sulfur removed from the coal.

A block diagram showing the processing steps currently envisioned for
the removal of.pyritic sulfur from coal is presented in Figure 1. The process
contains four main sections:

- Pyrite leaching with ferric sulfate solution,

* Regeneration of the ferric sulfate leach solution.

* Coal washing with water.

* Sulfur recovery by solvent extraction and coal drying.
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Pyrite Leaching

Based on experimental resultus, a countercurrent leach step appears
desirable; freshly regenerated f:rric ion is first contacted with coal
nearly depleted in pyrite. Preliminary experimental results indicate that
neither ferrous ion nor sulfate ion buildup has a significantly adverse
effect on the reaction; thus, the nearly spent leach solution should still
be actively attacking pyrite on the freshly introduced coal stream. With
fresh coal introduced at the beainning of the leach, there is probably suf-
ficient pyrite near the surface of the coal particle so that no effect on
the rate of etching of the pyrite surface is produced by the high ferrous
ion concentration. It is believed that toward the end of the leach step,
the rate of reaction is controlled mainly by counterdiffusion of ferric ion
into and ferrous ion out of the pores in the coal particles; the rate is
thereby benefited by high ferric and low ferrous ion concentrations in the
leach solution. If this model of the leach step is correct, then the leacher
requires little bulk mixing. Equipment which slowly moves coal countercurrently
through a slowly flowing stream of leach solution will be highly effective as
a leach reactor, '

Three coal particle sizes (-1/4 inch, -14 mesh, and -100 mesh) have been
studied during the present experimental work. The results indicate that pyritic
sulfur removal is possible with all of the above coal .particle sizes. The pro-
cess design provides for a coal leach residence time of .four hours., The leacher
design temperature is at or near the atmospheric boiling point of the solution
(about 100°C) and the design pressure is atmospheric,

It is anticipated from current expérimental results that the reaction of
ferric ion with pyrite in coal will yield a S0,/S reaction product ratio of
about 1.5/1. A leach solution of approximately 7500 GPM of 0.5 M ferric ion
concentration ( 100% excess of f :rric ion required for complete reaction) with
little ferrous ion content or acidity is the nominal design feed to the leacher.

The coal discharging from the pyrite leacher is separated from the bulk

of the leach solution and conveyed to a water wash system. It is prcbable that
the separation can be accomplished with simple moving-belt screen filters since
surface fluids are readily removed during the next processing step. (Even if
~ powerful centrifuaes were employed, fluids would not be driven from one-half of

~the coal pores which are oriented toward or into the induced centrifugal force
field.) The leach solution recovered in. the separator is recycled back to the
pyrite leacher.

Regeneration of the Pyrite Leach Solution

Spent leach solution from the pyrite reactor will contain unreacted ferric
ion, ferrous ion, by-product and recycled sulfate ion, recycled and spent wash
water, acid produced by the sulfur and sulfate reactions, numerous minor ele-
ments, and possibly some water soluble organic compounds leached from the coal.
Regeneration of the leach solution includes the separation of a low ion content
wash water for return to the wash section, the air oxidation of ferrous ion to
ferric ion, and the separation of ferrous or ferric sulfate and iron oxide in
the quantities produced during the leach step.
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Regeneration of ferric ion from an aqueous solution of acidic ferrous ion
is readily accomnlished bv oxidation with air. As shown in Figure 1, the
regeneration may be carried out in equipment separate from the pyrite leach
reactor. This arrancement offers the greatest oprortunity for using technoloay
developed indenendently of the coal leachina, (Regeneration of coal leach solu-
tion has much in cormon with treatment of spent pickle solutions from descaling
of iron or steel. Oxidation of ferrous ion to ferric ion is receiving the
greatest attention in hydrochloric acid pickling where oxidation of ferrous
chloride to ferric chloride precedes hydrolysis and acid recovery.)

Kater Washing

) Hater washing the coal leaving the pyrite leacher is necessary to remove
residual leach solution. (Leach solution not washed from the coal will deposit
sulfate on the coal during drying and reduce the extraction efficiency.) From
bench scale excerience, it has been found that drained Lower Kittanning coal
retains about 203 w/w of the ferric sulfate leach solution. (These weights
were similar for either the -1/4 inch or the -14 mesh samnles.) The removal of
leach solution from the pores of the coal particles is probably a diffusion
controlled process and, if this is the case, could ideally be carried out in a
countercurrent washer with long residence time, It is reasonable to predict
that a washing time of 5 to 50% of the leaching time, and wash water reauire-
ments in the range of one-half to one pound water per pound of coal would be
capable of removing substantially all of the residual leach solution from the
coal. The spent wash water is pumped to the pyrite leacher, and the water on
the coal discharging from the water washer is drained on a moving-belt screen
filter. (Bench scale experience indicates drained Lower Kittanning retains
about 15% w/w wash water based on dry coal weight.)

Sulfur Extraction and Coal Drving

The coal exiting the washer still contains elemental sulfur formed from
pyrite in the coal particles during the leach reaction. The proposed process
shown in Figure 1 uses a dissolvent (e.q., aromatic or aliphatic hydrocarbeon)
to extract the elemental sulfur from the coal. Residual wash water is also
dispiaced from the coal pores during the sulfur extraction. Tnluene has been
used for extraction in laboratory and bench scale experimental work, but any
low priced, convenient sclvent could be substituted,

The hot, sulfur-rich solyent exiting the sulfur extractor is cooled to
cause sulfur to precipitate from solution, filtered to recover the sulfur, and
separated from any immissible water. The low sulfur content solvent is reheated
and recyvcled to the sulfur extractor,

The coal exiting the sulfur extractor is conveyed to a solvent dryer vhere
any residual sulfur solvent is removed. A heated inert gas is used to evaporate
the solvent from the coal and carry it to a condenser where the solvent is con-
densed, separated from the inert gas, and recycled to the sulfur extractor. The
dry processed coal is allowed to cool and is then conveyed to storage.
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Several alternative methods for removing and recovering elemental sulfur
from coal have been assessed in preliminary evaluations. One riethod involves
heating the wet, water-washed coal to molten sulfur temperature (i.e., 250°F)
under pressure (15 to 50 psig) and then rapidly depressurizing the coal to
cause steam to be formed in the pores. It is postulated that the steam venting
from the pores will drive the liouid sulfur droplets from the pores and into
the steam condensation equipment. If such a process step is found to be oper-
able, the solvent extraction and solvent drying steps can be eliminated, and
steam stripping the sulfur byproduct to remove solvent would be unnecessary.

Other processing methods which have been proposed as alternatives to the
sulfur solvent extraction include: 1) melting and displacement of the sulfur
in the coal by superhcated water (i.e., 50 psig, 300°F) and 2) vaporization of
the elemental sulfur by a heated inert carrier gas (e.qg., nitrogen), followed
by cooling of the carrier gas and condensation and separation of the sulfur,

PROCESS ECONOMICS

Capital and operating costs have been estimated by TRW for a lleyers' pro-
cessing plant capable of handling 100 tons of coal per hour (sufficient to feed
a 250 MY coal fired power plant). Table 1 presents a summary of the capital
and processing costs. The estimated overall processing cost for the baseline
pyritic sulfur removal process is $1,95 per ton of coal (8¢ per M1 Btu). The
capital cost for the plant is estimated to be $4 million, As the process is
further developed from the bench-scale work these cost fiaures will change and
thus the process economics will be accordingly undated and incependently examined.
The coal processing cost is based on 10-year straight line denreciation
of the capital plus 10 percent of capital committed annually for maintenance,
taxes and insurance.. The direct labor costs correspond to 41 operators including
shift foreman and plant foreman. A weekly cost per operator was estimated at
$200 plus 25 percent payroll burden for fringe benefits. Mo credit was allowed
for the process products: elemental suifur, iron oxide and iron sulfate. Also
no sulfur solvent was assumed retained in the processed coal. (For 0.1% w/w
solvent retention in the processed coal, the processing cost increases by approxi-
" mately 6¢/ton coal.)

The capital cost estimate was developed by estimating major eauipment costs
and applying installation factors. The capital includes equirment costs for a
25 ft, diameter x 100 ft, Tong stainless steel-clad kiin-tvpe leach vessel,
separators, washer, sulfur extractor, solvent dryer and leach solution regene-
ration (factored from the leacher cost), heat exchangers (based on calculated
surface), puaps and air blower (calculated from estimated horsepower). Each
equipment cost was multiplied by a factor to cover field material and labor,
engineering, etc.; these installed costs were than added to give the total
capital cost.

The costs do not include those for a coal preparation plant because they
may already be included in utility operating costs. For instance, if an elec-
tric generating facility utilizes a pulverized coal fired boiler, much of the
coal preparation requircment may already be in operation., Also if a utility
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Table 1

Meyers' Process Economics

l Capital Investment

Pyrite Leach System
Leach Solution Regeneration System
A Water Wash Unit
Sulfur Extractor and Coal Dryer
Total Capital

Processing Cost

Utilities
Labor
Maintenance, Taxes and Insurance
Depreciation
Total Processing Cost

st

1.5
1.0
0.5
1.0

4.0

$/Ton Ceoal

0.35
0.60
0.50
0.50
1.95
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is currently purchasing coal which has been treated in a coal oreparation
plant to remove rock, etc., additional coal preparation costs mnay not be
necessary, as prelininary experi:zental results have demonstraied the Meyers'
process capable of handling laro2 coal particle sizes (e.g., -1/4 inch).

No provision was included for a return on investment charge for a Meyers'
process plant, since the justification for plant installation would be com-
pliance with pollution control reaulations and/or the cost incentives asso-
ciated with utilizing low cost high sulfur coal.

POLLUTION CONTROL

The Meyers' process for the extraction of pyritic sulfur will have essen-
tially 10073 application to new and existing coal combustion activities. Since
- the process produces a cleaned fuel from raw coal, it can be installed at
either a combustion site or a mine-mouth location.

The present test work has shown the Meyers' process to be cavable of
achieving nearly total removal of pyritic sulfur from coal. The pyrite reduc-
tions obtained have not indicated any variations due to the rank of the coatl,
coal region, or coal bed. At an estimated operating coest of $1.95 per ton of
coal processed, the pvritic sulfur removal process has excellent economic
potential for use either alone or in conjunction with an organic sulfur control
technique. The two processes could present a unified overall techniaue for the
total elimination of sulfur dioxide emissions from combustion of the processed
coal, Evaluations indicate that use of the pyritic sulfur removal brocess as
the sole S07 control technigue can result in a considerable impact upon sulfur
dioxide emission control.

Coals which typically contain a majority of their sulfur content in a
pyritic form are fcund in the coal mining regions of the Eastaorn United States
(Appalachian Basin). These coal regions are important because the Appalachian
Basin contains one-third of the knownremaining bituminous coal reserves of the
United States and one-half of the estimated total remaining resources east of
the Mississipoi River, representing a total reserve value of over 280 billion
tons of coal (2). The Appalachian Basin also supplies 60% of the total U. S.
demand for bituminous coal (3).

The sulfur content of the steam coals in the Eastern coal mining regions
has been extensively examined by the U. S. Department of the Interior's
Bureau of Mines (4). Consideration of the sulfur content of the Appalachian
coals in conjunction with coal bed characteristics frem the 1971 edition of
the Keystone Coal Industry MManual (3) indicates that less than 10% of the coal
mined for utility use in the Apnalachian Basin is capable of meeting the sulfur
dioxide emission standard of no greater than 1.2 pounds of SO, emitted per
million Btu's of input energy, as shown in Figure 2. Figure 5 also illustrates
that the application of the Mevers' process for pyritic sulfur removal at 95%
efficiency can increase the quantity of Appalachian coal capable of meeting the
performance standard by a factor of four.
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The impact of the heyers process on pollution abatement is even more
evident when consideration is given to the utility coals mined in the Pennsyl-
vania bituminous and Mary]and state regions. Figure 3 shows that 23% of the
as-mined utility coal in Maryland is capable of meeting the r:w SO, emission
standards, while 76% of the Maryland coal will be able to meet the“standard
after application of the pyritic sulfur removal process.

Figure 4 shows that, in Pennsylvania, a ten-fold increase in useable steam
coal quantities above the 5% as-mined bituminous coal which meets the New Source
- Performance Standards is achieved upon application of the Meyers' Process.

CONCLUSION

In active experimentation funded by the Environmental Protection Agency,
_TRW, Inc., has developed a bench-scale method for leaching pyritic sulfur from
coal. In the Mevers' Process, pyritic sulfur is removed by ferric sulfate
reaction with the pvrite in coal and recoverable elemental sulfur and dissolved
sulfate species are generated. Reaction conditions of 100°C and atmospheric -
pressure are envisioned, with 95-100% removal of pyritic sulfur a reality.
Although the projected operating cost for application of this pyritic sulfur
leaching technicue may make the process attractive for use in combination with
an independent,economica]]y low-cost method for organic sulfur removal, the
Meyers' process for pyritic. sulfur removal has the potential for widespread
production of a clean fuel capable of meet1ng Standards of Performance for
New Stationary Sources.
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KEYERS' PYRITIC SULFUR
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Figure 3. Sulfur Dioxide Emission Characteristics of taryland Coal.
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Figure 4. Sulfur Dioxide Emission Characteristics of Penasylvanian Bituminous Ceal.
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A SOLVENT REFINED COAL PROCESS
FOR "CLEAN" UTILITY FUEL :

By
Robert G. Shaver

General Technologies Corporation
Subsidiary of Versar Inc.
1821 Michael Faraday Drive -

Reston, Virginia 22070

INTRODUCTION

Several processes for conversion of coal to clean fuels are underoing development
at various stages. The solvent-refining of coal, o non-catalytic process under development by the
Pittsburg and Midway Coal Mining Company far the Office of Coal Research, is an outstandingly
advantageous conversion process from the point of view of its potential economics. In comparison
to other coal conversion processes it requires less costly equipment ond less severe operating
conditions. It consumes less hydrogen and has no need for catalyst''/. The earlier work in
hydrogenation of coal was directed toward production of disti!late fuels and the use of catalysts
was found to be necessary to obtain reasonable yields. Despite improvements in catalysts and-in .
process technology this route of coal conversion is still not economically attractive. In solvent-
refining the coal is not converted to distillate fuel, but to a de-ashed, low=-sulfur semisolid fuel
resembling pitch.

The fuel product of this process has a very consistent heating value of 16,000 Btu
per pound regardless of the coal feed stock to the process. This uniformity has been demonstrated
in pilot productions from both lignite and bituminous coal\'’. The principal variation in the product
is in the sulfur content, due to the variation in feed stock sulfur content. This orises from the
characteristic of the process to remove all of the mineral sulfur (pyrites) and a part of the organic
sulfur ranging above 60%. High ash, high sulfur coals can as readily be brought to a processed
fuel of less than 1% sulfur as a lower ash content coal having appreciable organic sulfur content.
Typically it can be expected that overall 85% of the sulfur content of the coal can be removed
in the processing, a 4% sulfur coal, for exomple, resulting in an 0.8% sulfur solvent refined coal
at heating value of 16,000 Btu per pound.

The process in brief is to mix pulverized coal feed stock with a coal-derived solvent
oil having a 550-800°F boiling range, passing the mixture with hydrogen through a preheat and
reactor, separating excess hydrogen plus the hydrogen sulfide and light hydrocarbons formed, filfer-
ing the solution, flash evaporating the solvent and recovering the bottoms as either a hot liquid
fuel or a cooled solid product. During the reaction phase, the hydrogen reacts with organic sul fur
compounds forming the hydrogen sulfide. The hydrogen also stabilizes the solubilized coal products.
The pyritic sulfur leaves the process in the filtration step, as does the ash components.
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In this discussion the sole market for solvent refined coal considered is that of the
fuel for power—gene(aﬁng utifities, since this market has been shown to be the overwhelming large

one for this product'*/. The legislation regarding atmospheric pollution will eventually restrict
the sulfur dioxide emissions for the entire nation, and it appears that fuels will be limited to sulfur
content less than 1% in general and to less than 0.5% in several highly populated regions. The
impact of these restrictions on the direct use of coal as a power-generation fuel will be great,
since the supplies of coal of such low sulfur content are quite small compared to the total U.S.
coal reserves and they are very inconveniently located relative to the power needs. The use of
the solvent refining process, though, allows the coal supply to be used, regardless of its sulfur
content. When considered as a clean fuel for power generation, then solvent refined coal not only
comes into competition with coal itself in conjunction with stack gas treatments, but also with
natural gas, fuel oil and nuclear power.

DISCUSSION OF TECHNOLOGY

The schematic of the recent process technology for the Pittsburg and Midway Solvent
Refined Coal process is shown in Figure 1. The salient aspects of the process technology as they
affect economics are:

o the delivery of the product as a solid fuel product or as a hot liquid

) the by-products: light liquid hydrocarbon, sulfur, and electrical power
o the fly ash or mineral residue'wusfe

o h}'drogen or process fuel feeds to the process.

The distinction between the solid form or liquid form of solvent-refined product is principally one

" of whether or not the distillation bottoms are cooled below the 300°F solidification point prior to
disposition. Probably this issue will depend on whether or not the product is used in an on-site or
nearby power plant as apposed to shipping to a distant location, It has been estimated that the
‘additional processing cost to solidify for shipping is 2¢/MMBfu(]).

The liquid hydrocarbon by-product has a high cyclic content and so is useful as a
petroleum refinery feed stock or as a source of aromatic organic chemicals. Since a large part of
the nitrogen content of the original coal winds up in this by-product, the use as a refinery feed stock
would require additional nitrogen removal processing by the refinery.

_ If the solids from the filtration operation are burned to obtain the heating value,
the sulfur dioxide produced can be combined with the hydrogen sulfide from the process to produce
elemental sulfur by a Clous-type procedure. This appears to be practical in this case because of
the concentrated gas streams encountered. One to 2% of the coal feed weight is the hydrogen
requirement for the process. The by-product gas can be used to form all of the required hydrogen
by steam reforming. This would eliminate the need for a hydrogen raw material input. The use of
a part of the fuel product as process fuel would also eliminate the need for natural gas feed to the
process. Whether or not these steps are taken in a given solvent-refining plant depends on local
availability of low cost by-product streams of hydrogen and low cost availability of natural gas.

- It is important to bear in mind that the efficient operation of this process does not require their
availability,
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Coatalytic Conversion of Coal

The most recent catalytic method for converting coal to low-sulfur fuel is the process
called the H-Coal Process, also under development by sponsorship of the Office of Coal Research.
This process uses a desulfurization catalyst and is very effective in reducing the organic sulfur content
to levels of 0.1 to 0.2%. The process, however, is more costly than the solvent refining because of
the catalyst and the internal recycle required for its use. The coordinated use of the solvent refining
and H-Coal processes for their peculiar individual advantages has been suggested 1) and this may be
the most economical way to achieve very low (less than 0.5%) sulfur contents in the fuel when re-
quired.

Coal Gasification

Although the costs for producing synthetic gas from coal would be higher than the
production of heavy fuel from coal by solvent refining, several of such coal gosification processes
are now being developed. The hydrogen requirements are greater and the processing conditions more
severe for these. The gas fuel product from such a process will very likely compete as a premium fuel
with natural gas and will not be in primary contentation for the bulk of the power generation fuel
needs.

Degree of Sulfur Reduction

The present state of development of the solvent refining process allows for about 85%
of the sulfur in the feed coal to be removed. All of the pyritic sulfur and some 60-70% of the organic
sulfur is removed. On the type of coal that is very common in which the sulfur is roughly 50-50 in
these two forms, the final product sulfur content is well below 1%, of the order of 0.8%. Further
reduction of the organic sulfur content by utilizing greater quantities of hydrogen than in the present
design is believed possible 3 , although in the extreme this merges with the catalytic processes such
as the H-Coal. “

PROJECTED ECONOMICS

Solvent-refined coal as a low sulfur fuel for power generation would compete primarily
with such other energy sources as fuel oil, gas and nuclear power, as well as with coal itself fired in
boilers served by stack gas treatment processes. The latter, a much studied method of combating
pollution from combustion of coal, is an awkward expedient to permit the extended use of high sulfur
coals. The principal reason for this is that the electric power companies should not be nor do they
desire to be in the chemical production and marketing business, which is the natural outcome of using
a stack gas treatment process on a coal-fired boiler and having to dispose of the wastes and by-
products. It makes far more sense for the chemical processing industry to provide low sulfur fuel from
efficient, optimally-located, and optimally-sized coal conversion plants.

There are two obvious strategies for carrying out this processing-distribution sequence.
One is the location of a solvent-refining plants at minehead sites more or less centrally located to
the principal marketing areas, to which the product is shipped as a solid fuel. The other is to have
consolidated minehead processing plants and power generating facilities in regions where both the
coal supplies and the power requirements are in reasonable conjunction. The latter type of facility
- could, of course, also furnish solid fuel for shipment.
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Projection of Demand for Fossil Fuel for Power Generation

Projections of electric power generation anticipate growth in fossil fuel consumption
through the next two decades(3), As shown in Table I, the total expected use of fossil fuels should
grow from 13.6 x 1015 Btu in 1970 to 19.5 x 1015 Bty in 1980 and to 25 x 1015 Bty in 1990, nearly
a doubling in two decades. .

Table 1. .Fossil Fuel Projection for Electric Power Generation

Year , . 1970 1980 1990
Coal, 10! Bty 8.1 12.5 16
0il, 1019 Bty . 2.1 4.0 5
Gas, 1019 Bty < 3.4 3.0 4
Total, 1019 Btu ‘ 13.6 19.5 25

Growth is expected in both coal and oil, but not in gas. In fact an actual decline
in gas use is projected between 1975 and 1980, and the whole rate of growth of gas use will foll
off dramatically after the vigorous growth prior to 1970. ;
The Federally mandated emission standard for new and modified fossil solid fuel-
. fired steam generators with capacity exceeding about 25 megawatts (equivalent) for construction

commenced after August 17, 1971 is 1.2 pounds of sulfur per million Btu. This corresponds to roughly

0.8% sulfur in a high heat content coal and about 0.4% for lignite. Even the vast Western coals of
markedly low sulfur content are unsuitable for this without further control efforts. Thus essentially
all of the coal market for power generation is potentially available to a sulfur~reduced coal product
such as solvent refined coal at some not too distant time in the future. Looking at the fossil fuel
market for its potential in regard to solvent refined coal production leads to the possibilities shown
in Figure 2. In view of the recent cost studies of solvent refined coal'“/?) a sales price range of
50 to 100 cents per million Btu seems to be within a reasonable range. The projections of market
potential through 1990 at prices in this range are shown on two assumptions: the limiting one in
which all the fossel fuel market for power generation is captured and the more reasonable one which
sizes the market at that estimated for coal. A vast sales market ranging between about 4 and 25
billions of dollars is potentially available to the investors in such a process.

Oil Prices for Power Generation

A feasible range of price for solvent refined coal can be inferred by examining the
price range of competitive low sulfur fuels for power generation. Low sulfur fuel oils are currently
in great demand for power generation in highly populated areas and the demand should, if anything,
intensify in upcoming years. Recent quotations of oil prices in several locations 5) have been put
on a consistent fuel basis of cents per million Btu in Table II.

Table tl. Current Price Variation in Oil for Power Generation

Location % Sulfur . Price, ¢/MMBtu
New York 0.3 max. 73

0.5 mox. 69

1.0 max. 61

Bunker C 53
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Table l1. Current Price Variation in Qil for Power Generation (Cont.)

Location % Sul fur Price, ¢/MMBtu
Chicago 1.0 max. . ’ 75

1.25 max. 73

1.5 max. o 71
Oklahoma over 1, under 2 40-42

It is well to note the effect of supply and demand in the prices in Table Il. In Oklahoma, the
demand for oil for power generation is nil because gas is used for all power plants. Residual oil
from Substitute Natural Gas plants has been valued at 57-60 ¢/MMBtu at the plant. Based on
these facts, very low sulfur residual oil can be valued at 66-69 ¢/MMBtu currently at the ports.
Delivery costs are superimposed on these.

The effect on future prices of processing to desulfurize residual oils can be estimated
by using processing data for the hydrodesulfurization process 6). Operating cost data vary between
7 to 19 ¢/MMBtu to reduce to the 1% sulfur level on the type of residual oil feed stock, with
vacuum residual oils consuming the most hydrogen and hence having the highest operating costs.
The above figures do not include a return on investment. Nevertheless we could expect a desul-

* furized residual oil product at about the 1% sulfur level to be no less than 50 ¢/MMBtu at a low
demand location like Oklahoma and to be at least 65 ¢/MMBtu at a high demand seacoast location
like New York. With increased legislative pressure on low sulfur fuels in the future the price at the
power plant that most of the major utilities burning fuel oil will face seems to certainly be in the
70-100 ¢/MMBtu range at current dollar values. This helps to define a competitive price range for
solvent refined coal product for such use.

Impact of the By-Product Sulfur From Processing of Coal

The supplies of natural low-sulfur fuel will clearly not be equal to the demands upon
them in the upcoming decades. The desulfurization of oil and coal by one or another means must
make up the deficit. If we look at the recent experience in coal use with regard to sulfur content as
shown in Figure 3, we see that the amounts of sulfur to be removed will be considergble. The weight-
averaged sulfur content of all the coal fired to power generation in 1969 was 2.6% and we can
assume that the coal mined in the future if an economically feasible desulfurization process is being
used will not be lower than this experience. If the overall sulfur content allowed in solid fuels is
reduced to an average of 0.6% of the weight of coal used in 1990, the by-product sul fur generated
by desulfurization of coal will rise in the vicinity of 12-13 million tons in 1990. This figure is
sufficiently high to make the recovery of significant economic value by sale of sulfur improbable on
the whole. The sulfuric acid market, the principal use of sulfur, recently consumed about 9 million
tons of sulfur, so the existence of by-product sulfur of the quantities possible are certain to cause
them to be stockpiled and not sold in any significant quantities at current price levels. So it would
seem that no credits for sale of sulfur by-product should be taken in realistic projection.

Elements of Cost Pertaining to Solvent Refined Coal Price

The estimation of selling price of solvent-refined coal product has been undertaken
for a minehead plant in the Ohio-1}linois~Kentucky area on a 10,000 ton per day basis(lr ). The
"most recent price estimates range from 41 ¢/MMBtu where al! by-products are sold, to 47 ¢/ MMBty
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where none are sold. In the latter case the light liquid by-product is combined with the solvent
refined coal for sale in the power plant fuel product. These prices do include a return an investment
but no transportation charges. The annual sulfur by-product sale ot $10 per ton we believe to be
unrealistic for the long run in which the sulfur market is glutted with pollution contro! induced sulfur.
Reducing the credit for by-products by this amount increases the necessary FOB plant selling price for
the optimistic case to 42 ¢/MMBtu. The elements of cost that these estimates cover are: mining,
solvent refining, and return on investment.

The fronsporfahon of product to the user is a widely variable cost element. A power
plant located at the minehead-processing plant site would have effectively no transportation cost. f
Rail transport of solid product would probably experience the same costs as coal itself ). This can
be estimated in lieu of specific foreknowledge of rail rate schedules through 1990 as 1 ¢ per ton-mile, (
As an extreme but nonetheless typical example of current costs to ship coal, low sulfur western coal
is currently being shlpped to New Jersey at a cost of $22 per ton, which corresponds closely to 1¢
per ton-mile.

In a system of well-located processing plants, shipping in excess of 500 miles prabably
would not be necessary in most cases. The users remotely located from the processing plant would then
pay an additional 3-17 ¢/MMBty for the solid product delivered to the power plant, which includes a
cost to solidify the product for shipment. This raises the total estimated price for solid product from
44 ¢/MMBtu at the plant to 45-64 ¢/MMBtu delivered. .

Versus low sulfur oil as a competitive fuel, the local delivered price situation would
determine the competitive balance. For example in the Chicago area where low sulfur fuel oils are
selling for 71-75 ¢/MMBtu, the solvent refined coal could be furnished from the aforementioned hypo-
thetical plant for 53-57 ¢/MMBtu.

However on seacoast locations such as New York, the Gulf Coast and the west coast,
Iow sulfur fuel oil could be currently obtained in the 61-73 ¢/MMBtu region. For the east coast, a
mine-processing plant complex in West Virginia could deliver solvent refined coal for 53-65 ¢/MMBfu
at most population and industrial centers, which is certainly competitive. However the longer trans-
portation distances between a plant in the Wyoming area and the west coast areas would probably be
less attractive in comparisan to delivered fuel oil.

Coal Costs

One cost element in the production of solvent refined coal that is likely to increase
noticeably in the future is the cost of mined coal. This is due to several factors including increased
fabor cost and increased investment for mine safety. A minehead selling price for coal of $6 per ton
seems realistic for the near future, which is about 24 ¢/MMBtu for a good quality coal. Adjusting
the estimated solvent refined coal prices for this raw material cost would raise the price about 15¢/
MMBty, Adjustment for this higher coal cost would bring the estimated selling price of a solvent
refined coal utility fuel to 56-63 ¢/MMBty at the plant location, and to 59-94 ¢/MMBtu delivered,
still well within a competitive range for low sulfur fuels even under present day price experience.

When selling in competition with coal itself in conjunction with (sfock gas treatment,
the cost of the raw material coal in solvent refined coal is essentially irrelevant The principal
considerations are the lower transportation cost per MMBtu and the reduced investment and mainte-
nance at the power plant with the SRC. In a similar way, the relative position between SRC and
“other coal-derived fuels would not shift principally due ta coal cost.
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Projected Market for Solvent Refined Coal

By considering efficient solvent refined coal plants at four U. S. locations; West
Virginia, southern Illinois, Wyoming, and New Mexico, and examining the projected competitive
price per million Btu for the several fossil fuels and derivative fuels in low sul fur emission power
plant use, we projected the fractions of the potential market shown in Figure 2 that could be obtained
by SRC by virtue of price. These market projections are given in Figure 4 over a range of SRC selling
prices ot the processing plants from 50 to 100¢/MMBtu. The mid-range selling price of 75 ¢/MMBtu
should yield a market of about 300 million tons in 1980 and 550 million tons in 1990, This selling price
also seems to be the optimum in 1990 for sales dollar volume.

CONCLUSION

The continued wide use of coal in the United States as a fossil-fuel source of energy
for power generation is inescapable in the upcoming decade and beyond. Of the several developing
processes for producing clean fuels from coal, solvent refining is the most simple and economical. SRC
can be used as either a solid or a liquid fue! and has been estimated to capture a very large market in
direct competition with other low sulfur forms of fossil fuels in power generation.
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FUEL PRCCESSING TAILCRED -TO ENVIROMMENTAL NEEDS, Davlid H. Ascher,
Westinghouse Research Laboratory, E. Pittsburgh Woiks, Churchill
Borough, Pittsburgh, Pennsylvania 15325

) Projected rceds for electric enexrgy will triple the usage of

fessil fuels in U,.S5. power plants over next 20 to 30 yecars. Advanced
technliques for power productlion are required to minimize emissions ’
of 802, HOx and particulates, thermal discharges, capital require-

nents for wew plants, and overall cnergy cests. Fluldized bed

combustion and gasification coupled with.cezbined cveled goneration

an neet these requirements., Specific f£fluidized bad combuscion

and gasification procaesces for both ceal and oll tailors1 to power |
preciuction have bDeen devised; and overall plant concepts, evaluatced.
Reduced power costs in coaparison with conveutionzl steam power

plants are predicted.
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Production of Low Sulfur Fuel 0ils From Utah Coals

S. A. Qader and G. R. Hill

Department of Mining; Metallurgical & Fuels Engineering
University of Utah
Salt Lake City, Utah 84112

Introduction:

Hydrogenation is one of the potential methods of producing f*e] oil from
coa]. Coal can be hydrogenated to fuel 211 in the form of a paste’, in ebulating
bed? reactors, fixed beds3 and fluid bed* reactor systems. In the present investig-
ation, coal was hydrogenated in batch and dilute phase systems to prodize oil.
The coal o0il was desulfurized in fixed and ebulating bed reactor systems to produce
Tow sulfur fuel oils. The economics of producing fuel oils with 0.5 and u.25 per-
cent sulfur are presented in this communication.

Experimental

Coal was nydrogenated in batch and semicontinugus4 systems using ginc Chloride
as catalyst. The coal oil.was desulfurized in fixed® and ebulating bed” reactor
systems using a pelleted catalyst containing sulfides of nickel and tungsten sup-

ported on alumina. Product evaluations were done by standard methods.

Results and Discussion

The product distributions obtained in the batch work are given in Table I.
Hydrogenation was carried out at a temperature of 500°C, initial hydrogen pressure
of 2000 psi and reaction times up to 90 minutes. The results show that at a coal
conversion of about 80 percent, the ratio of o0il to gas yields will be about three
and 23 percent of the coal sulfur will show up with oil. The data given in Table
IT indicate that the sulfur content of the oil remains almost same at different
coal conversion levels. The sulfur content of the oil, probably, depends upon
the organic sulfur content of the coal. The data given in Tables I and Il were
obtained from a coal containing about 0.6 to 0.7 percent organic sulfur.

The properties of the oil obtained in the semicontinuous dilute phase hydro-.
genation system® are given in Table III. These oils were prepared from a coal
containing about 2.5 percent total sulfur. The data show that the whole o0il can
be directly used as a fuel 0il in places where one percent sulfur is tolerated.

A 0.5 percent sulfur oil can be produced by desulfurization of either whole oil or
the +300°C fraction. If a fuel o0i1 of less than 0.5 percent sulfur is desired,
the whole oil may have to be desulfurized. '

The whole 0i1 and +300°C fraction were desulfurized in bench scale fixed and
ebulating bed reactor systems and the product distributions obtained are shown in
Figures 1 and 2. The data show that fuel oils containing about 0.2 percent sulfur
can be made by desulfurization of either the whole 0il or the +300°C fraction. As
the sulfur content of the product 0il1 decreases, there will be an increase in the
yields of low boiling oil, gas and coke. A comparison of the data indicates that
the fixed bed system produces more gas and coke when compared to the ebulating
bed system irrespective of the type of feed oil used.

A conceptual material balance of a refinery producing 100,000 BBL/day of fuel
0il from coal was calculated (Table IV) -ased on the bench scale data obtained by
the authors and the published data avaiiable. In this projection, a coal containing
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7.5 nercent moisture, 10 percent ash and about 2.5 nercent total sulfur is used

as the feed. The hydrogenation can be carried out in any type of reactor system
in the temperature range of 500° - 550°C and a pressure range of 2000-3N00 psi.
The process conditions will be optimized for a coal conversion of about 8) ner-
cent. The hydrocarbon gases produced in the process will be used for makina
process hydrogen. The residual char will be used as a fuel. Based on the conceptu-
al data, a oreliminary economic evaluation of the orocess for makina fuel oils of
0.50 and .25 percent sulfur was made (Table V). The calculations were based on
aporoximate energy and material balances and estimated equipment costs. The data
indicate that fuel oils can be produced from coal by hydrogenation at a manufactu-
ring cost of about 5-6 dollars per barrel. The data (Figure 3) also show that

the cost of reducing the sulfur content of fuel of1 from 0.5 to 0.25 percent will
be about 3N-40 cents per barrel.
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Table I. Sulfur Distribution In Products
Sulfur Content of Coal: 1.31%

"Coal Conversion, Wt. % Product Yield, Wt. % Sulfur Distribution,Wt.%
0il Gas Char 0il Gas Char
43 36 5 59 16 9 75
52 " 43 9 48 18 10 72
61 51 10 39 2N 13 67
73 : 57 16 27 22 16 62
8] 61 20 19 23 17 60
_ Table 1I. Sulfur Distribution in 0il
Coal Conversion, Wt. % Sulfur Content of Qil, Wt. &
" 4 0.53
52 0.54
61 0.52
73 0.51
81 0.52
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Table III, Analysis of Coal 0il and Its Fractions

" (Sulfur Content of Coal =

' Whola 01
Distribution, Vol. % . T00.0
Sulfur, Wt. % 1.01
Nitrogen, Wt. % 1.22 .
Oxygen, Wt. % 5.65
H/C (Atomic) 1.09
Asphaltene, Vol. % 26.5

2.5%)

-300°C Fraction

+309°C Fraction

Table IV. Material Balance

Capacity: 100,000 BBL/Day of Fuel 01l

Sulfur Content of Fuel 0il, Wt. ¥

Raw Materials

Coal, Tons
Hydrogen, MM SCF
Catalyst, Tons

Products -

Cq - Cq Gases, MM SCF

Hanhtha, BBL

, Fuel 041, BBL

Char, Tons
Sulfur, Tons
Ammonia, Tons
Water, M4 Gallons

0.

39,500
1,073
732

271
36,280
100,000
8,052
175

350

1.

Table V. FEconomic Summary (MMS)

42.0
0.49
0.65
4.54
1.25

10.5

50

Capacity: 100,000 BBL/Day of Fuel 0il

Sulfur Content, Wt. %-
Fixed Capital

Working Capital

Total Revenue

Fuel 0i1 Price:

$5/BBL

56/8BL

$7/BBL
Total Operating Cost
Rate of Return %

Fuel 011 Price:
$5/8BBL
$6/B8BL.
$7/8BL

0.

312
31

238
271
304
194

S p—

50

[32 B CiXe]

58.9
1.53
1.31
6.57
0.96

39.6

n.25

43,500
1,275
809

317
49,900
100,001
8,801
175

350

0.25
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HYDRODESULFURIZATION OF RESIDUALS

A. A. Gregoli and G. R. Hartos

Cities Service Research and Development Company
Cranbury, New Jersey

INTRODUCTION

Since the first commercial H-0i1 Unit came on-stream at Lake Charles in
1963, a variety of feedstocks have been processed -- including heavy cycle oils,
atmospheric bottoms, vacuum bottoms and cutback propane deasphalter bottoms.

The Unit has operated successfully with both microspheroidal and extrudate
catalysts and is being expanded to 6,000 BPD.

Besides the Lake Charles H-0i1 Unit, three other commercial units were de-
signed for hydrocracking. The units, though designed for hydrocracking, can be
utilized for desulfurization. That is now the primary objective for the Cities
Service Lake Charles Unit.

LAKE CHARLES H-OIL EXPERIENCE

The H-0i1 Unit was designed to convert 2,500 BPD of West Texas Sour Vacuum
Bottoms into lighter products.! Later it was found possible to process a heavier
lower value feedstock, cutback propane deasphalter bottoms.2 In late 1966 and early
1967 a commercial demonstration of residual desulfurization was made, feeding West
Texas Atmospheric Residuum. The demonstration run was quite successful. Sulfur was
reduced from 2.5 to 3.0 weight percent in the feed to 0.3 to 0.5 weight percent in
the product. Catalyst usage was approximately 0.05 1bs/bbl.

From 1963 to 1967 a 1/32-inch extrudate catalyst was used. In 1967 rela-
tively minor modifications were made to accommodate a microspheroidal fine catalyst.
This eliminated the need for the internal recycle pump previously required to supply
the 1liquid velocity necessary for bed expansion. Operating and performance data
have been described previously.3*

From 1967 through 1971 the unit operated with the fine catalyst. During
this period the feed was West Texas Sour Vacuum Bottoms cutback with 20% heavy cycle
0il. In the last few months of operation with the fine catalyst, conversion of
vacuum bottoms to distillate ranged from 55% to 75%, with 75% to 80% sulfur removal.
The performance of the microspheroidal or fine catalyst has been demonstrated to be
equivalent to the performance of the 1/32-inch extrudate. The unit was expanded
from 2,500 BPD capacity to 6,000 BPD. It was necessary to return to the extrudate
catalyst at the higher feed rate to avoid excessive expansion of the catalyst bed.

FACTORS AFFECTING DESIGN

A number of design factors must be considered when desulfurizing resids.
These are caused by: (1) the complex feedstock characteristics, (2) the tendency
to deposite metallic impurities and coke on the catalyst, (3) the required operating
severity, (4) the extent and desirability of concurrent reactions, such as hydro-
cracking, and the relatively high hydrogen consumption and design considerations
given to the heat released.

FEEDSTOCK CHARACTERISTICS

Several important feed characteristics considered in H-0i11 desulfurization
are:
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1. The character of the residuum, i.e., whether
vacuum, atmospheric, deasphalter bottoms,
cracked tars, blends, etc.

2. The asphaltene and metal content.

3. The sulfur level and degree of desulfurization
required.

These feed characteristics ultimately influence the selection of operating
temperature, hydrogen partial pressure, space velocity, and catalyst type and usage.

CATALYST

Microspheroidal and extrudate catalysts have been used commercially.
These catalysts consist of a combination of metals such as cobalt and molybdenum or
nickel and molybdenum on an alumina support. An earlier publication reported that a
1/32~inch extrudate performs3 better than a 1/16-inch extrudate.> The most active
catalyst is the one with the greatest surface area.®®’

Organometallic compounds in the feed are the primary cause of catalyst de-
activation. The deactivation rate is influenced by feedstock characteristics, cat-
alyst characteristics and operating severity.

OPERATING CONDITIONS FOR RESIDUUM DESUL FURIZATION

Temperature, space velocity, hydrogen partial pressure and catalyst consump-
tion are the essential operating conditions considered in residual desulfurization.
These normally range from 700 to 800°F,® 0.3 to 3.0 V/Hr/V,® and 0.02 to 1.0 1bs/bbl
respectively. The ranges do not necessarily represent technical limits but are based
on judgment and economic considerations.

DESIGN CONSIDERATIONS

The reaction in residuum desulfurization is exothermic. In the ebullated
bed the reactor is isothermal. The temperature is controlled by charging the feed
below the reactor temperature.

Solids entering with the feed pass through the expanded catalyst bed with-
out causing a pressure buildup. Catalyst activity and product quality are maintained
by adding and withdrawing catalyst while on-stream. Constant catalyst replacement
gives the refiner flexibility when changing feedstock. -

With the fine catalyst, the velocity required to expand the catalyst is
achieved by the flow of the liquid-gas feed mixture passing upward through the reac-
tor.* Catalyst inventory and bed expansion are essentially a function of the catal-
yst particle size and density, liquid viscosity, and liquid and gas velocities. Cat-
alyst is added with the feed and leaves with the product.

The extrudate catalyst requires higher 1iquid velocities than the fine
catalyst to maintain the desired bed expansion. The liquid velocity is provided
by recycling a portion of the effluent back to the inlet. The recycle or ebullating
pump can be located internal or external to the reactor.

H-OIL DESULFURIZATION COSTS

A wide variety of atmospheric and vacuum residuals can be desulfurized us-
ing the H-0i1 Process.

|
|
|

e Meme e e
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Costs for desulfurizing Kuwait Atmospheric, Kuwait Vacuum, Khafji Atmo-
spheric, Khafji Vacuum, Venezuelan Atmospheric and Venezuelan Vacuum Residuals are
presented. These feedstocks were selected because they are representative of differ-
ent types of crudes. The Kuwait Atmospheric and Vacuum Residuals are representative
of a high sulfur and Tow metals crude with moderate gravity and asphaltene content.
The Khafji Atmospheric and Vacuum Residuals reflect a high sulfur and moderate metals
crude with moderate gravity and high asphaltene content. The Venezuelan Atmospheric
and Vacuum Residuals are representative of a low sulfur and high metals crude with
moderate gravity and high asphaltene content.

Figure 1 shows 975°F+ conversion and chemical hydrogen consumption varying
with sulfur in the 400°F+ fuel oil product. It is apparent from Figure 1 that hydro-
gen consumption and 975°F+ conversion vary inversely with product sulfur content. In
addition, the high metals (or Venezuelan feedstocks) experience the highest increase
in conversion and hydrogen consumption when going to lower sulfur levels - followed
by Khafji and then Kuwait, respectively. As expected the vacuum residual feeds con-
sume the most hydrogen and represent the highest conversion operations.

Figure 2 is a graphical presentation of the processing costs for the feed-
stocks considered. The costs represent 1971 dollars and include fuel, power, labor,
supervision, overhead, water, catalyst and hydrogen. Figure 2 is intended to show
the relative costs for desulfurizing the residual feedstocks considered. The econom-
ics, though accurate for this purpose, may not be specific enough for a given company,
because the costs do not reflect a return on investment. As is well known an accept-
able rate of return on investment differs between companies.

As would be expected, the Kuwait Atmospheric Residual is the least expen-
sive to process of the six stocks. The Venezuelan Vacuum Bottoms are the most expen-
sive followed by Khafji Vacuum, Kuwait Vacuum, Khafji Atmospheric and Venezuelan At-
mospheric, respectively. In addition, the Venezuelan stocks show the highest rate of
increase in operating costs when going to lower sulfur levels.

SUMMARY

Commercial H-0i1 experience using 1/32-inch extrudate and fine catalysts
were shown to be equally successful. Important design parameters considered in re-
sidual desulfurization include the feed characteristics, catalyst characteristics
and operating severity. The range of operating conditions employed for residual de-
sulfurization was presented. Process design considerations using the fine or extru-
date catalyst were reviewed. The most attractive system will depend on each applica-
tion. The cost of desulfurizing Middle East and Venezuelan feedstocks were presented.

The H-0i1 Process was developed by Cities Service Research Incorporated.
Units have been licensed to the Kuwait National Petroleum Company, Humble Oil and
Refining Company, Petroleos Mexicanos and Cities Service 0il Company.
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FIGURE 2

HYDRODESULFURIZATION OF RESIDUALS WITH H-OIL

NOTE: THE COSTS REPRESENT 1971 DOLLARS AND
ARE FOR GULF COAST CONSTRUCTION. FUEL @ 25¢/MM
BTU, POWER @ 1¢/KWH, WATER @ 1¢/M GAL., LABOR

@ $5.00/HR., SUPERVISION AND OVERHEAD @ 50% OF
LABOR, CATALYST @ 95¢/LB., HYDROGEN @ 35¢/MSCF,
AND DEPRECTATION @ 10% OF INVESTMENT. THE ON-
STREAM FACTOR IS 0.9.

‘?EEVENEZUELAN VACUUM
RESIDUAL

“2_ KHAFJI VACUUM
\ RESIDUAL
KUWAIT VACUUM
N RESIDUAL

KHAFJI ATMOSPHERIC
5 RESIDUAL

\\\\\\:Z,VENEZUELAN ATMOSPHERIC
RESIDUAL

KUWAIT ATMOSPHERIC
e RESIDUAL

PRODUCT SULFUR IN 400°F+ , WT%
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Catalyst Deactivation due to Pore-plugging by Reaction Products
) Esmond Newson, °

Technical University of Denmark
Instituttet for Kemiteknik
Bygning 229 :
2800 Lyngby
Denmark

INTRODUCTION

The regulation of sulfur oxide emissions from the com-
bustion of fuels is directed primarily at high sulfur content
coal and residual fuel oil [1] . Of the four basic sources of
primary enersgy, heavy fuel oil may be the best hone for meeting
sharnly increasing energv demands in the near future [2] . The
above two factors combined, lead to significant interest in
methods of heavy fuel o0il desulfurisation. One method for re-
moving sulfur from fuel oil is trickle-bed hydrodesulfurisation.
Hydrogen and oil are nassed cocurrent downflow over a fixed bed
of catalyst at elevated temperatures and vressures. This aonroach
has recently been commercially proven [3 ] . Hydrotreating of
residuum oils in this way has revealed the oresence of (un-
desirable) demetallation reactions taking nlace in narallel
with the desired desulfurisation reactions [ 4] . Organometallic
constituents of the oil, orimarily vanadium, nickel and iron,
react out of the o0il and combine with hydrogen sulfide to
produce solid deposits of metal sulfides. The denosition of
these reaction products occur both inter and intra-narticle.

The intra-particle deposits decrease the effective diffusivity
of the catalyst particles for desulfurisation, thus causing
deactivation by a pore-nlugging mechanism [5] . In this
earlier vaper approximate methods were outlined to oredict
catalyst 1life for various feed-stocks at a particular liquid
hourly space velocity (LHSV) and desulfurisation conversion.
However, predictions were based on pore diffusion theory,
initially developed by Thiele [6] , so that no vparticular

pore model was required. This meant that catalysts with
different pore size distribution could not be ranked for de-
sulfurisation performance. In addition, nore nlugeging effects
were averaged over the entire reactor length. A better apnroach
would be to look more closely at the top of the reactor where
the metals deposition rate is greatest. If nore nluseing by
metals is considered to be the primary mode of catalyst deactiva-
tion, the deactivation wave would probably begin at the ton

of the bed and then sween down the reactor.

This paper considers catalyst deactivation in residuum
hydrodesulfurisation by a pore-plugging mechanism in combination
with coking effects.Simple catalyst vore size distributions are
compared in desulfurisation service. Process conditions are
varied to show their influence on catalyst lives. Predictions
are compared with some available commercial data.

PROPOSED MODEL FOR CATALYST DEACTIVATION

The pore-plugging concept was oroposed some years
ago by Hiemenz [7 ] on the basis of gas nermeability measurements
on fresh and used catalyst nellets.Beuther and Schmid ([8 ]
compared the effects of coke deposits on the physical pronerties
of various HDS catalysts. By comparing the surface areas and
pore size distributions of fresh and spent catalysts, it was
shown that the average pore radius was reduced only slightly
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and that the pore size distribution maintained avnroximately
the same percentage distribution in snite of a considerable
reduction in surface area. It was observed that the coke
content of the catalyst increased sharoly to an eauilibrium
level in a short time, about 40 hours.It was postulated that
this was due to a period of uncontrolled hydrocracking.
Subsequently, the coke content of the catalyst was observed
to remain constant with increasing process time.

It is therefore provosed that the porosity of the
catalyst is made up of three parts.

Rapid, initial coke deposition (0c ) takes up about one-third of the

6 = Oc + Oc + 0

M3
I E

(1)

total vorosity. Equilibrium coke deposition (®c ) and metal
E

sulfides plugging (9,,.) then slowly decrease the remainder
M3

of the catalyst porosity. This slow utilisation of vnorosity
is incorporated into a vore-plugging model. The latter
assumes that only a fraction of the vnellet is effective

for the demetallation reactions. The flux of sulfur-contain-
ing molecules into the pellet is progressively impeded by

the deposition of metal sulfides and coke in the catalyst
pores. Fifgure 1(a).
The basig for the pore structure is Wheeler's model
. The pellet is approximated as a composite of N

[9]

pores

where

each of length L. Figure 1(b).
Figure 1l: Pore-olugging model of a catalyst pellet.
(a) Catalyst pellet metal
sulfides '\’\’T
A,
metal i :
sulfides : |
-/
Flux of
sul?u?- ——— ]
containine L %
molecules 1)
: [
N
-
coke}»--—
N\ e
L=gv/2 Lo F
K
1
n=522 .3 (3)
/2 r
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The nore wall is not a continuous solid but has many
intersections with other pores. The constant K; is a catalyst
parameter and reflects the size and shane of the nellet together
with its pore size distribution. The nature of the pore-nlugging
model suggests that the number of pores effective for demetallation
(NE) is some fraction of the total given by

NE = nN ’ (4
n refers to a time averaged effectiveness factor based typically
on electron micro-probe analyses of metals profiles in svent
catalyst from one long life test. Other catalysts with different
pore size distributions can be compared with the exoerlmental
catalyst for potential demeta}latlon cavacity by

e(r)
N ‘B N
E,B eI, E,A | , (5)

Pore size distributions used in this paper are kept simple and
follow Wheeler's approach [9] . For a Maxwellian distribution
of pore sizes .

L(r) = A, I e /e, (6)

o is the most probable pore radius and is related to average
catalyst properties by v

r o= - o 8
r o= 3rg 23g (M
The corresponding pore volume distribution is
_ 2
@M(r) = [ 7p .LM(r).dr (8)

The Maxwellian or log normal distributions are considered since
the pore size distribution of some hydrodesulfurisation catalysts
can be aporoximated in this way [10] . For a Gaussian distribu-

tion of pore sizes 5> p 5
La(r) = A, exp-8 (;; -1) (9)
- v
7 = r |1+t 2.8 (10)
28 Sg
2
84(r) = frrc. Lg(r).dr (11)

8 is a parameter of sharoness for the distribution. Wheeler showed
that many gel type catalysts have this type of pore size distribu-
tion [91]

THE DEACTIVATION RATE

Reaction parameters are now considered using an
elementary solution for diffusion and reaction in pores which
are less than about 50% available to the reaction [9] . This can
be justified from preliminary estimates for catalyst life [5] .

Figure 2: Diffusion and reaction in a cylindrical pore.
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Considering a first order, irreversible reaction in a eylindrical nore
and balancing the net influx against the rate of reaction

l(dx . (dx x+dx|= 2nrdxke(x) (12)
Dividing through by dx and letting dx+o,

7r2D 9—% o 2%xr k c(x) (13)

This is the fundamental differential equation that is usually
solved. However, when all the reactant diffusing into the pore is
consumed at some dlstance xD.<<L,then equation (12) can be
simplified to

X
2 d °
e .
mr D(Ei B} g 2rtrk !o C(x)dx: (14)
de C |
Now (dx)x o can be aporoximated by ;9 and the exact reaction rate
C
on the pore wall can be approximated by 2nrk —%. Eauation (13) is
Cc C
reduced to 2 [ "0 _ 5oy O (15)
xp p 2

where XD 1s the penetration length.

x =/2r B K,/T. (16)

P k

The constant K, is dependent on feed tyne and process conditions

2
both of which determine the demetallation reaction rate.

If the decay of catalyst is slow relative to the oil
residence time, a quasi steady state assumption can be made to
determine the decrease in vore radii due to deposition of reaction
products i.e. coke and metal sulfides. This will then be related
to catalyst deactivation.

Figure 3: Deposition of reaction products in catalyst
pores. :
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If the plugging material is snread over all the vores contained in
the outer section of the nellet, then the thickness of denosit Gt
for a finite increment of time A is given by

(Pl)gp. &
- T ,
5, = | (17,
am L NE,m m,t xh,t
m
S(0-0,. In
and N = CL .
E,m T I’2 /5 : (18)
m
t-4
"m,t = Tm,o ~ g 8¢ ' (19)
S K, “rm,t—A (20)

Assuming that the demetallation and desulfurisation functions of the
catalyst are deactivating at approximately the same rate [11] , then
demetallation can be used to follow desulfurisation fouling rates.
Since the overall demetallation rate equals the flux of metal
containing molecules into the nellet,

N r2
[RHDM] R (21)
t ‘m m,t

Ft/Fo is a measure of the decrease in reaction rate due to pore

plugeing. In constant conversion operation this is usually compensated
by raising catalyst temperature. Assuming a power law deactivation
function

2 2
Y o RHDM a RHDS (22)
then Fo 2
Z =[§*] (23)
t

represents the number of times the initial deactivation rate is
increased. Fo is known from the fresh catalyst properties and

specified process conditions. F,_ can be calculated at any time

t
onstream so that a curve of deactivation rate ratio versus process
time can be constructed. A value of 5-10 for this ratio will
probably mean end-of-run under practical conditions.

THE PORE PLUGGING RATE

The rate of deposition of reaction products i.e. coke plus
metal sulfides, can be estimated from the kinetics of the respective
processes. Demetallation like desulfurisation can be represented
by second order kinetics [8] , the apparent anomaly being
explained by considering the oil as a spectrum of compounds reacting
at different rates. The equality of desulfurisation and demetallation
selectivities is also well known for a wide range of crude oil
sources [127] .

For an ideal, plug flow reactor operating at steady state,
isothermal operation may be assumed for finite volume element of
reactor of length Al. Considering an irreversible, second order,
demetallation reaction taking place in the catalyst pores, a mass
balance for reactant i gives



f% Fy
In: (LHSV) NRE—— (24)
1+Cp  ky T(f)
1
out : (LHSV)'ﬂF CFi (25)
/B Lo, K (1+A1

1

At the top of the reactor where % = 0, the rate of

deposition of metal sulfides in the first layer is

C., k
r F; 2

R = M, (LHSV) C (26)
MS. i /8 Yr., T L.
i o i 1+CFi kzr(f—)

T(A%

The contribution to the pore-plugging rate from the metal sulfides
is the sum of all the depositing sulfides divided by a density

factor d n
Pl,. = IR 27)
M3 fMS 1 Msi

n is usually equal to 2 i.e. vanadium and nickelf&s was assigned

a value of 2 gm/cc based on earlier estimates [5]. A distribu-
tion factor 4 is included to distinguish between metals depositing
intra-particle and interparticle. Based on vanadium and nickel
concentrations in the asphaltenes and maltenes fraction of oils,
this factor is assumed to be 0.8 for a Safaniya atmospheric
residuum.

The coke contribution to the pore-nlugging rate can be
deduced from the observed constancy in coke content of the de-
sulfurisation catalyst during 40-40C hours of operation [87 and
50-1000 hours of operation [13]. At any time on-stream greater
than 50 hours, it follows that

Wc
We + W, + Wyg
Since the metal sulfides deposition rate is constant in constant
conversion operation, the coking rate can be calculated from
equation (28) with some modifications

Q% coke = = constant (28)

t
+ R, d
Wcl o c t
£ = 9 (29)
Wo + W+ R dt+ Ry,..t
b ¢y 50 ¢ MS

w represents the raiid initial coke lay-down already described
[8 . For small t (% 50 hours), RMSt+o, so that Wf may be found

if Q is specified. A typical value for Q would be 10 weight per
cent coke. For t > 50 hours, Rc can be written in terms of RMS

Q
The pore Dlugglng rate due to coke can now be calculated using a
coke density (/%) derived from two sets of data (8]. A value of

0.7 gm/cc was calculated.
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(P1), = = ()R - (31)

The total pore-plugging rate is given by
(PL)q = (P1), + (Pl)yg (32)

For 10 weight per cent coke on the catalyst,'é total pore vplugging
rate of & 1.3 RMS is calculated. i

The total pore-plugging rate is put into equation (17) to
determine the reduction in pore radii over the whole pore size
distribution, equation (6) for example. The decrease in radius will
reduce the flux of metal containing molecules into the nores,
equation (21). This flux is compared with the initial value to
calculate the catalyst deactivation with time from equation (23).

MAIN ASSUMPTIONS FOR RDS APPLICATIONS

To facilitate catalyst comparisens only one varticular
oill feedstock is considered, Safaniya (Khafji) atmospheric residuum.
Its sulfur content is usually U4 weight per cent with vanadium
and nickel contents of about 75 and 25 ppm respectively.Deposited
sulfides were assumed to have the formulae V,S, and Ni S.

The desulfurisation performance for3various catalysts
was compared by coupling their demetallation and desulfurisation
functions. For a Safaniya atmospheric residuum at LHSV=1.0 and
a desulfurisatign conversion of 75%, effective diffusivity
values of 6x10-8 and 3x10-7 cm2/sec. were estimated for demetalla-
tion and desulfurisation resnectively [5] . Figure 4 was construct-
ed from the equation [6]

2
. R 1
¢ = =—— (Rynw) == , (33)
Deff HDM’ Co
where D(G)—OC )
- I 1)
Def‘f‘ - (3

From Figure 4,effectiveness factors for demetallation and desulfuri-
sation were found to be 0.1 and 0.45 for a 0.16 cm (1/16 inch)dia-
meter sphere. Subsequent process condition changes leading to
temperature changes were made by modifying the intrinsic activa-
tion energy using the equation [1u .

Erny
EoBs
Intrinsic activation energies for demetallation and desulfurisation
were chosen as 30 and 40 kcals/gram mole. The latter value is
realistic based on recent literature [157] when a value of
38 kcals/gram mole was measured. The former value reflects the
fact that metal-containing molecules are derived from the heavier
portion of the feedstock (550°C+) whereas the sulfur-containing
molecules are derived from the whole boiling range (325°C+) of the
oil.

22 -7 ' (35)

At process conditions of LHSV=1.0, 75% conversion and
1500 psig, the coke level on the catalyst was assumed to be 10%
by weight [13] . This level was adjusted for temperature changes
using the temperature dependence of coke content found by
Voorhies [167] .

A "standard" catalyst whose properties could be consider-
ed suitable for hydrodesulfurisation was selected for the purpose
of making catalyst life predictions.Its properties are shown in
Table 1 together with properties of two other catalyst which were
also considered.
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Table 1

Catalyst . "Standard" Macrovores r - shift

r (Angstroms) - ‘ Lo ' 4o 65 4
Vg(micropores 0.5 0.425 0.7

Sg n°/gm o . 250 212 215

R cm 0.08 0.08 0.08 /
Ps 0.7 0.59 0.57 '
Pr , 1.2 1.02 0.97 ]
shape sphere sphere sphere

B ' 5 5 5

4 macropores (> 600 R) 0 15 0 i

The abové catalyst properties were inter-related by the
equation ’
1 ' 1.
- = v : (36)
7> VAR
Pore volume distributions of the catalysts considered subsequently
are shown in Figure 5. |

DISCUSSION OF MODEL PREDICTIONS

The effect of changing process conditions on catalyst
life is shown in Figure 6. The deactivation rate ratio is plotted ‘
versus hours on-stream. At an LHSV = 1.0 and 75% conversion,
a catalyst life of 1000 hours is predicted. This compares with
about 3300 hours (z=5) when the conversion is dropped to 63%%.
Another curve, LHSV = 0.7 and 75% conversion is shown in Figure 6.
These conditions were chosen for comparison with data from the
Gulf Tokyo paper [U], Figure 4 and Table 6. From these data the
conversion of 75% was given but only a "fixed" space velocity is {
mentioned. This has been assumed to be 0.7. With this assumption,
the pore-plugging model suggests a life of 4OOO hours compared to
4500~5000 hours from the Gulf Tokyo paper. Obviously more informa=-
tion on catalyst properties and process conditions is required
when commercial data is published. However, the pore-plugging model
and the initial assumptions give good order-of-magnitude comparisons.

The effects of changing the pore size distribution of
the "standard" catalyst and r-shift are shown in FPigure 7. For a
fixed average pore diameter, changing pore size distribution has
little effect on catalyst 1life. The log normal or Maxwellian
distribution may have been predicted to give an increased 1life
because of the "tail" in the distribution but since the most
probable pore radius is only 15&8(sr ), the advantage of the broader
distribution is lost. If the peak radii, normal versus log normal
were both the same, then the broader distribution could be more
effective. With a normal distribution, increasing the average pore
radius has a big effect on catalyst life. A value of 2000 hours
is predicted for the r-shift catalyst in Table 1. This order of
magnitude effect has been observed for this feedstock at these
conditions [17 ] but complete.data is not available.

Putting macropores into the catalyst or decreasing
pellet diameter also increases catalyst 1life. The net effect in
both cases is to substantially increase the number of pores available
for metal sulfides deposition. In Table 1,15% macropores have
been substituted for miecropore volume and it is assumed that an
increase in effective diffusivity of (x3) is obtained. In PFigure
8, a catalyst life of 2000 hours is predicted compared to 1000
hours -for the zero-macropores "standard" catalyst. Particle size
effects are greater since the increase in number of available
pores is effective on the unchanged "standard" catalyst micro-
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porosity (=0.6). A life of 3000 hours is predicted i.e. an
increase of (x3) when pellet diametér is reducded by (x2). If
reactor pressure drop problems are likely, them macropores must be
considered first for increasing catalyst 1life. The approach is
limited however by the decreasing strength of the nellet as
porosity is increased. Alternatively, changing reactor design,
radial flow instead of axial flow [18] , would allow smaller
particles to be used, about 0.5 mm diameter. Catalyst 1life would
then be substantially increased.

Catalyst changes have previously been physical in
nature i.e. macropores , r-shift and particle size. The chemical
composition of the catalyst was not changed. The role of coke in
pore-plugging does suggest that increasing the hydrogenation func-
tion of the catalyst may increase catalyst life e.g. nickel as a
"kicker". If nickel was substituted for part of the cobalt then
some desulfurisation activity might be lost since the optimum
cobalt/molybdenum ratio has been changed [19] . The net effect
would be to lose some initial ‘activity but more micro-porosity
would be available due to a lower equilibrium coke level on the
catalyst. This is the basis for Figure 9 when the coke level of
the "standard" catalyst was assumed to be reduced from 10% to 7%
due to increasing the hydrogenation function of the catalyst. The
catalyst life is seen to be increased from 1000 to 1500 hours(z=5).

The effect of changing process pressure also illustrates
the coke contribution to the pore plugging deactivation model.
Figure 9 shows that reducing pressure from 1500 psig to 800
psig decreases catalyst life by (x2). An obvious way to compensate
is by decreasing LHSV e.g. from 0.7 to 0.5, a ratio of 1.4. At
the lower space velocity, a prediction of 5000 hours is obtained and
the catalyst life is now close to the 1500 psig case. This
space velocity effect with pressure compares favorably with the
Esso Tokyo paper, Figure 7, [4] . Data showed that catalyst life
was the same when operating at 1500 and 800 psig provided space
velocity compensation was employed. The relative catalyst activity
in the Esso data was also about 1.4.

CONCLUSIONS

A pore-plugging model for residuum hydroprocessing in axial-
flow trickle-bed reactors has been proposed in order to quantita-
tively describe catalyst deactivation. The pore-plugging is due to
the deposition of reaction products, metal sulfides and coke,during
the (desired) desulfurisation reaction. The desulfurisation and
demetallation reactions were considered in parallel in order to
make predictions for catalyst 1life. A simplified approach was taken
in deseribing catalyst pore size destributions and approximating
the equations for diffusion and reaction in a catalyst pore.

Predictions for catalyst life were made when process
conditions and catalyst parameters were changed. As a check on the
initial assumptions and the simplified approach, comparison with
commercial data was made and showed good order-of-magnitude agree-
ment.

A more rigorous approach should now be considered as
more data becomes available. Design of new and improved catalysts
and reactor systems should be the result.
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NOMENCLATURE

absolute frecuency of pore sizes

concentration of reactant, metal containing molecules,
inside the catalyst pores, mol. cm™3, -3
concentration of reactant at the nore mouth.mol. cm -.

diffusivity of metal containingz molecules in the oil,
em? sec.-l, :

flux of metal containing molecules into the nellet
at time t, mols. hr-l gn=1,

first order intrinsic reaction rate congtant,cm sec.
second order reaction rate constant, cm hr'mol-1.
-1

catalyst parameter, equation (3), cm2 em
pore penetration parameter, equation (16), cm.

poré length, equation (2), cm.

total length of pores of radius r per gram of catalyst
in Maxwellian distribution, cm gm~™

number of reactants in the feed.

total nuTber of pores per gram of catalyst, equation
(3), em”

number of pores per gram of catalyst in which nore plugg-
ing occurs, equation (4), gm” 3 -1 -1

metal sulfide pore plugging rate, cm” hr em ~.

coke nore plugging rate, em® hrot gm_l.

total pore plugging rate.

coke on catalyst, % by weight.

pore radius, cm.

most probable pore radius in Maxwellian pore size
distribution, cm. -1 -1
desulfurisation rate, mol. hr gm .
demetallation rate, mol. hrol oeml,
metal sulfides deposition rate nrol.
coke deposition rate, hro L,
pellet surface area, cm2. -1
catalyst surface area, cm™ gm

vellet volume, cmj.
catalyst pore volume, cm

3 gm-l.
fresh catalyst weight, gm.

coke weight, gm.

metal sulfides weight, gm.

reactant penetration length into the pore,

liguid hourly space velocity, hr-1l.

effective diffusivity of catalyst pellet,equation(3li),
cm2.sec-l. : -1
intrinsic activation energy kecals.gm mol ~.
observed activation energy kcals.gm mol™1

radius of catalyst pellet, cm.
catalyst deactivation rate ratio.
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NOMENCLATURE ’ . !

Greek letters.

thickness of deposit in catalyst pores, cm. /
element of time for reaction, hr. '
length of volume element in plug flow reactor,cm.

total catalyst norosity.

catalyst porosity .lost to coke during ravid initial
deactivation.

catalyst porosity lost to coke after initial coke

formation.

catalyst porosity lost to metal sulfides after initial

coke formation.

"time averaged" effectiveness factor.

coke density, gm. cc 1

catalyst bulk density, gm, cc .
-1
-1
-1
-1

density of feed stream, gm cc
metal sulfides density, gm. cc

catalyst particle density gm cc
catalyst skeletal density gm cc

Subscriots.

A,B

PO 3

catalyst with different porosity distributions.
any pore in the catalyst of radius r.

any time on-stream (> 50 hours).

time initial for pore plugging (= 50 hours).
any reactant in the feed.
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Pigure 4: Catalyst particle diameter v, effective diffusivity.
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Figure 5: Catalyst pore size distributions.
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INTRODUCTION

In many areas of the world residual fuel o0il has become the principal
source of industrial, commercial and utility fuel. In these services it has
historically been the marginal energy source with locally produced coal or natural
gas being the fuel of choice on economic grounds. At present, however, air
pollution control regulations relating to fuel sulfur content have limited the use
of many sources of coal, and in many important areas low cost natural gas is be-
coming critically short in supply. Because of these factors, fuel 0il consumption
is growing rapidly - and in many instances at a rate substantially above the normal
growth in energy demand. This growth in demand - coupled with increasingly stringent
sulfur content specifications, is leading in the direction of a shortage in residual
fuels - particularly those of lower sulfur contents.

These factors have already led to a substantial investment in fuel oil
desulfurization facilities in several parts of the world - notably in Japan, the
Middle East and the Caribbean area. With some few exceptions these facilities
have been based on indirect desulfurization - i.e. vacuum distillation, desulfu-
rization of the vacuum gas o0il and reblending. This technique has a real limita-
tion in a market for fuels below the 1% sulfur level since none of the heavy high
sulfur vacuum residue is processed. To some extent this can be mitigated by pre-
ferentially blending this material to bunkers and by the use of naturally occurring
low sulfur residues as blending stocks.

In many supply and consumption areas we are now nearing - or have passed -
the limits of these approaches, and the industry is giving serious consideration
-to the installation of facilities which will process the entire residue to achieve
the desired end product. It is the purpose of this paper to consider some of the
problems associated with processing residual oils and to present some major new
developments in the H-0il process which relate to the solution of these problems.
Because of these new developments it is now possible to design a processing
facility which can economically produce fuel oils of 0.3% sulfur ontent, inter-
changeably from a broad range of feedstocks encompassing most of the commercially
important residues. One of the most significant aspects of these new developments

involves the ability to economically desulfurize the high metals content residues
from Venezuela.
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FACTORS AFFECTING A FUELS PROCESSING FACILITY

In this paper we will concentrate on the probiems associated with a

market-related fuels process facility - specifically one which would serve the
East Coast of the United States. Planning such a facility involves the several
fundamental questions considered below. ’

Source of Supply

The traditional source of fuel o0il supply for the U.S. East Coast
has been Venezuelan imports. Under the impact of the newer sulfur content
specifications, an increasing portion of this fuel is being obtained from
African crudes, and it is possible that the Middle East may also become an
important factor in this market. For these reasons, as well as from a
national security standpoint - particularly as we become more dependent on
fuel oil for basic energy - the refiner will be faced with the problem of
providing the capability to handle a broad range of feedstocks.

Market Requirements

The requirements for low sulfur fuel oil have become increasingly
stringent, and the market requirements for this product is subject to the
vagaries of local and national regulations. Consequently, market require-
ments cannot be forecast.with a high degree of accuracy. For this reason
the facility must be flexible in terms of the quality of product produced.

Adaptability

At a future date the market for low sulfur fuel oil may become less
attractive due to several factors. - Among these are: increasing use of
nuclear energy, the installation of stack gas desulfurization processes or
increased availability of low sulfur fuels. Should this occur it would be
desirable to make alternate use of any facility installed today to desulfu-
rize fuel 0il. At such a time the market could revert to the traditional
U.S. pattern in which high sulfur residual oil is a low value material, and
there would be a consequent economic incentive to convert it into lighter
products.

Considering these factors an optimum fuels processing facility should

poSsess the following basic characteristics:-

1. The ability to process fuel oil at low unit cost

2. Be able to handle a broad range of residual fuels as feedstock

3. ~ Have the capability of meeting changing fuel o0il specification requirement

4.

Have an economical alternate use in the event of a decreased demand for
low sulfur fuel oils.

In a later section of this paper we describe a facility which meets these

requirements. First, however, we would like to consider some of the technical
problems associated with residual oil processing - and how the solutions to these
problems are approached in the H-0il process.
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TECHNICAL ASPECTS OF RESIDUE DESULFURIZATION

Reaction Mechanism

Various investigators have shown that a first order kinetic model
adequately describes the desulfurization of the individual sulfur compounds
contained in petroleum fractions. In the case of residual oils, however,
we are not dealing with individual compounds or with a few similar species,
but rather with a complex mixture of compounds having widely differing
reaction rates. Since the compounds which are easier to react will tend to
disappear first, while those having a lower reaction rate constant will
desulfurize last, desulfurization of these materials, viewed on an overall
basis, does not follow a first order kinetic model. Beuther and Schmid(1)
found that desulfurization of residues can be represented adequately by use
of a second order model, These authors recognized that the individual
reactions were probably first order, but that a second order model would best
represent the overall data. By using a psuedo second order approach, the fact
of increasing difficulty of desulfurization is reflected in the concentration
term of the rate equation, enabling one to use a fixed reaction rate constant.

Our work in this area has confirmed the observations of Beuther and Schmid
and in Figure 1 we show, for the desulfurization of Kuwait atmospheric residue,
a comparison of the fit of the data to first and second order models. In
developing this plot, average first and second order K-values were calculated
from data obtained under various operating conditions over fresh catalyst. The
curves shown were then prepared and compared with the data. It is apparent
that the second order relationship more accurately represents the situation.

In use of these relationships, however, it should be borne in mind, that this
is an empiricism and data extrapolations must be treated with caution.

A practical consequence of the psuedo second order model is, that as
market requirements dictate a lower sulfur content product, the reaction rate
in the final stages of a process will be quite low. With a second order model
the reaction rate in the final incremental portion of a reactor system will

be only one tenth at the 0.3% sulfur level what it would be at the 1% sulfur
level.

Catalyst Aging

In hydroprocessing of residual oils, catalysts lose activity at a much
higher rate than is the case in gas oil processing. This is due to the
presence of organometallic compounds, asphaltenes and the general higher
molecular weight of the material being processed. Further, Since there is
a considerable range in the metals contents of the various stocks available
for processing, residues from different crudes will deactivate catalysts at
different rates. Figure 2 illustrates this point by comparing the aging
characteristics of Kuwait and Venezuelan atmospheric residues. Psuedo
second order reaction rate constant is plotted versus catalyst age for these
two stocks processed under the same conditions. While both stocks exhibit
a rate of activity decline considerably above that which would be experienced
in processing of gas oils, the effect of the higher metals content in the
Venezuelan oil is rapidly apparent from the higher rate of activity decline.
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Effect of H2S on Reaction Rate

As the desulfurization reaction proceeds, H2S is produced. This material,
while mainly in the vapor phase, is in equilibrium with a concentration of dis-
solved \H2S in the liquid. Under certain conditions the mass action effect of
this material can have a strong effect on the overall rate of the desulfurization
reaction. Figure 3 shows the effect, for one set of circumstances, of H2S
partial pressure on the psuedo second order reaction rate constant. Again, it
should be emphasized that the constant shown is not a true reaction rate
constant - which would be independent of such parameters - but is rather an
overall representation of several simultaneously occurring forward and reverse
desulfurization reactions.

When operations are directed to achieving very low levels of sulfur in

the product, this effect-coupled. with the other difficulties of such an
operation - can have important design consequences.

THE H-OIL APPROACH TO THE PRODUCTION OF LOW SULFUR FUEL OILS

Several previous papers by HRI and Cities Service Research and Development
Company 2,3,4,5 have reviewed the H-0il process with respect to its principal
characteristics and commercial performance. The major difference between H-0il and
the other processes for production of low sulfur fuels is a novel reactor system in
which the o0il and hydrogen are passed upflow through the reactor at a velocity
sufficient to maintain the catalyst in a suspended or ebullated state. This reactor
system offers several advantages:-

1. It is isothermal,

2. It is not susceptible to pressure drop build up due to suspended
materials contained in the feed,

3. Catalyst can be added and withdrawn during operation to maintain a
constant level of catalyst activity.

‘Reactor Staging

For practical purposes, the H-0il reactor can be considered as a
completely back mixed system. In such a reactor, the character of the
reacting mixture is essentially identical to the material leaving the
reactor. From the point of view of the desulfurization reaction then, as
a consequence of the second order rate equation,

r = ke

the reaction rate will be proportional to the square of the concentration of
the effluent. As the process is required to produce a lower sulfur content
product then, the reaction rate will decrease rapidly. As noted earlier

the rate at 0.3% sulfur will be only one tenth that at 1% sulfur. In theory
then a single reactor to produce a 0.3% sulfur product would be well over
ten times as large as one producing a 1% sulfur product - all other factors
being equal.
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In the H-0il process this problem is solved by staging the reactor
system by using two or more reactors in series. In this way the reaction
is carried out at several decreasing sulfur contents. This provides for
higher reaction rates in those reactors in which the bulk of the desulfu-
rization is occurring.

Figure 4 illustrates this effect for the processing of Kuwait atmospheric
bottoms at various sulfur contents. Relationships are shown for the desulfu-
rization efficiency of one, two and three stages in series versus a theoretical
plug flow reactor.

Catalyst Counterflow

A further area of design optimization relates to the catalyst aging
effects discussed earlier. If we use three H-Oil stages in series in order
to achieve a very high degree of desulfurization, then there is a distinct
advantage in charging all of the makeup catalyst to the third reactor stage.
This material would then be withdrawn, charged to the second stage and in
like fashion the second stage catalyst would be then charged to the first
reactor. We thereby achieve a counter-current flow of o0il and catalyst, in
which the freshest catalyst is exposed to the cleanest oil in the reactor
which requires a high degree of catalyst activity in view of the low sulfur
concentration present. At the same time, the faster reactions take place in
a reactor in which the catalyst has reached its final equilibrium level prior
to being discarded. The line for the back staging of catalyst in a three stage
system, shown in Figure 4, indicates that by this approach virtual equivalence
is attained between the H-0il system and-a theoretical plus flow reactor.

Split H2 Recycle

A process flow scheme using the backflow catalyst/three stage system is
shown in Figure 5. This is basically the reactor scheme which would be utilized
within an H-0il unit designed to achieve very low sulfur contents. A further
aspect of this system, shown in Figure 5, is the use of a split recycle system.
In this way H2S free hydrogen would be sent to the third reactor thereby main-
taining an extremely low H2S partial pressure at this critical point in the
reactor system.

Residue Demetallization

One of the most difficult problems associated with design of a facility
to process a broad range of feedstocks has been the problem of handling those
residues having a high concentration of organo-metallic compounds. Figure 2,
shown earlier, illustrates the rate at which H-0il catalyst deactivates while
processing a medium Venezuelan residual oil. Operation with this feed to
produce a low sulfur fuel would require a very high rate of catalyst addition.

A joint HRI/CSRD research program has been underway for more than three
years at the HRI laboratories to develop a demetallization procedure which
would reduce the nickel and vanadium contents of fuel oils in order to produce
- an oil for further processing by H-Oil at low catalyst addition rates. These
research efforts have resulted in the development of solid adsorbent materials
which are low in cost, and effectively remove the bulk of the organo-metallic
compounds present in such oils. These solids are used in an H-0il reactor
with the conventional ebullated bed principle, which is then followed by one
or more H-0il stages using conventional catalysts.
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‘Figure 6 shows the effect of using this newly developed procedure in the pro-
cessing of Venezuelan oil. The upper curve in Figure 6 shows the desulfurization
of a medium Venezuelan residual oil as a function of catalyst age. The lower curve
represents the performance of the same o0il, over the same catalyst, after it has been
processed through the newly developed demetallization procedure. The advantage of
such operation are obvious, and this procedure makes practical the processing of
these oils at low rates of catalyst usage. This procedure removes the limits pre-
viously placed on residue processing by metals content and all of the presently pro-
duced crudes can be considered for the production of low sulfur fuels.

New Catalyst Developments

In addition to the processing approaches discussed above, HRI and CSRD, together
with several catalyst suppliers have engaged in continuing development activities
relating to the development of improved H-0il catalysts. These studies have covered
catalyst composition, pore size distribution, catalyst size, etc. Figure 7
illustrates one of the more promising newer catalysts. compared with the H-0il
catalyst which has been used in most commercial operations to date.

CHARACTERISTICS OF A MULTI-PURPOSE DESULFURIZATION PLANT

. We have noted earlier that a refiner or fuel processor must live in an
uncertain environment. He is subject to the vagaries of the supply of crude, the
requirements of the market, and the perpetual question of the future markets for
residual fuel. We have developed a processing approach - using the H-0il process
which provides the degree of flexibility necessary to cope with this uncertain
environment. A schematic flow diagram of such a multi-purpose plant is shown in
Figure 8. The basic features of this plant, which has been designed for the pro-
dution of 0.3% sulfur fuel oil from various atmospheric residua, are its flexi-
bility with respect to feedstock, product specifications and future alternate uses
of the plant,

The data developed in this illustration have been based on the use of con-
ventional H-0il catalyst. If one of the newer catalysts, referred to earlier, were
used, the same results would be achieved at somewhat lower investment and at sub-
stantially reduced rates of catalyst usage.

Base Operation

The feedstock flexibility of the plant is illustrated by the data in
Table 1. Using the identical plant, we show the ability of this facility to
process Venezuelan, Kuwait and West Texas atmospheric residues as well as West
Texas vacuum residue to produce 0.3% sulfur fuel oil product. The capacity of
the plant varies with each of these stocks because of the varying sulfur
contents and difficulty of processing of the various raw materials. The
refiner with such a unit should be able to change his source of supply amongst
most of the commercially important crude sources, thereby optimizing his
operation with respect to raw material supply.

When changing crude type certain operational changes would be required.
For example, the optimum catalyst will vary with different crudes, and in the
case of high metals stocks such as Venezuelan, the first reactor would be used for
the demetallization procedure. These changes, however, would not require exten-
sive shut down and apart from the change of catalyst type, the rest of the
processing facility is completely adequate for all of the services.
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Flexibility with Respect to Product Specifications

Again, considering the same processing facility, if it were desired for
market reasons to produce a product of higher sulfur content or a variety of
grades of products this could be readily accomplished. 1In such a case plant

throughput would increase since hydrogen consumption per barrel of feed would
be less. ‘

Should it be necessary at some future date to produce fuel oils having
sulfur contents lower than 0.3%, in the same facility, this can be achieved
either by reducing flow rate through the plant or by separating some of the
desulfurized vacuum residue for sales as bunkers, thereby decreasing the
sulfur content of the lighter product.

Future Applicationg

If, in the course-of time, nuclear power becomes more prevelant, or if
stack gas desulfurization processes are brought to a point of economic
application, the market for low sulfur fuel oil may contract and the price
decrease. Under either of these circumstances we would revert to the classic
U.S. position in which high sulfur vacuum residue is a marginal product and a
candidate for conversion to lighter materials.

The type of unit described here can, if desired with this future use in
mind, be used to convert vacuum residues to lighter materials or to prepare
feedstock for low sulfur coke production. These applications of the process
have been discussed in several previous papers. A good commercial example of
this flexibility is shown in Table 2. These data, taken from a previous Cities
Service publication, show operations of the Lake Charles H-0il unit when pro—
cessing for conversion and for desulfurization,

Fuel 0il Processing Costs

Figure 8 is a block flow diagram of the plant under consideration.
Included are a hydrogen plant and a sulfur plant, as well as the H-0il pro-
cessing facility. ' The hydrogen plant is supplied with its fuel and raw
material from the light products produced within the H-Oil system and there-
fore the entire complex requires no hydrocarbon raw material other than the

. fuel o0il feed. This is therefore a completely self-contained facility - not
dependent on the availability of natural gas or other hydrogen raw material.

Investment and operating requirements for the complex are presented in
Table 3, and in Table 4 these factors have been converted into a daily pro-
cessing cost exclusive of H-0il catalyst. This latter item is specific to
the feed in question.

Unit processing costs are summarized for the various feedstocks in
Table 5 which then shows the relationship between feed type and processing
costs as well as the effect of product sulfur content on processing cost.

FUELS REFINERY

The processing scheme just discussed uses atmospheric and vacuum residues
as its raw material. Recently, consideration has been given to a fuels refinery
concept in which whole crude oil is processed to yield only utility fuels. The
processing sequence discussed in this paper would fit quite well into such a pro-
cessing sequence. A block flow diagram of fuels refinery is shown in Figure 9.

|
{
|
I
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Such a complex would produce low sulfur content fuel oil, turbine fuel, and naphtha.
The naphtha product could be a raw material for the production of either SNG or
petrochemicals. :

In summary, new developments in the H-0il process have made it possible
and practical to design a fuel processing plant.which would have the degree of
flexibility necessary to handle raw crudes from various sources and to enable the
processor to meet the varying requirements of the markets which may be imposed on
him with changing product specifications and product requirement.
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TABLE 2

. COMMERCIAL H-OIL OPERATIONS
Lake Charles, Louisiana

VARIOUS WEST TEXAS FRACTIONS

Feedstock Sour Atm. Resid. Vac. Resid.
%ap1 _ 17.1 _ 10.9
% S 2.80 1.95
% 9750F .+ - 47.0 82.0
Operation : Desulfurization Conversion
Goal Achieved 100 Vol.% yield of 49% conversion
stabilized 300°F.+ of 9750F.+
fuel oil of 0.28% S total product at

0.62% S
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TABLE 3

FUELS PROCESSING COMPLEX

INVESTMENT AND OPERATING REQUIREMENTS

BASIS: Operations Described in Table 1
Investments
H~0il Unit $ 13,400,000
Light Ends § Gas Processing 1,300,000
Hydrogen & Sulfur Plants 7,100,000
Offsites : 5,500,000
Total Investment .. § 27,300,000

Operating Requirements

Fuel, MM BTU/Hr. . 1)

Power, KW 12,700
Steam, Lb/Hr.(2) = 65,000
Cooling Water, GPM : 4,750
Boiler Feed Water, GPM 135

Catalyst § Chemicals (other than H-0il), $/D 225

Labor, Men/Shift ’ 6

(1) Supplied from H-Oil Gases and Light Ends

(2)‘ Net External Steam Requirement
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TABLE 4 A
FUELS PROCESSING COMPLEX ‘
DAILY PROCESSING COSTS

(Basis: 330 Days)

_$/sp_

Investment Related Costs @ 20% of Total Capital 16,600 J

Labor Related Items ' 1,440 )

Utilities(1) ‘ 3,550 j

Catalyst § Chemicals (Ex H-0il) ‘ 225 g
Total Processing Cost 21,815 /

(1) Utility Unit Costs:

- Power 0.8¢/kwh
Steam 70¢/1000 1bs.
Cooling Water "0.3¢/1000 gal. )
BFW . 3.0¢/1000 gal.

Hydrogen Plant Feed and Fuel for the complex supplied from
H-0il gases, light ends and 150 BPSD of product fuel oil.
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LOW-SULFUR FUEL BY PRESSURIZED ENTRAINMENT
CARBONIZATION OF COAL

By Robert J. Belt and Michael M. Roder

U. S. Department of the Interior, Bureau of Mines
Morgantown Energy Research Center
P. O. Box 880, Morgantown, W. Va. 26505

INTRODUCTION

Rapid entrainment carbonization of powdered coal under pressure in a partial hydrogen atmosphere was
investigated as a means of producing low-sulfur char for use as a powerplant fuel. Specific objectives of the
research were to determine if an acceptable product could be made and to establish the relationship between
yields and chemical properties of the char, with special emphasis on type and amount of sulfur compounds in
the product. The experiments were conducted with a 4-inch-diameter by 18-inch-high carbonizer according to
a composite factorial design (2, 3).! Results of the experiments are expressed by empirical mathematical
models and are illustrated by the application of response surface analysis.

Previous work with a 4-inch-diameter by 12-inch-high entrainment-type carbonizer showed that chars
containing considerably less sulfur than the parent coals could be produced by rapid carbonization (1), and
that the most important variables were temperature, pressure, and type of entraining gas. In the experiments
with the 18-inch-high carbonizer, all other variables—coal rate, size range and type, residence time, entraining

- gas rate, and run length—were held constant to determine the effect of the three main factors on char yield
and volatile matter concentration and the content of organic, pyritic, and sulfate sulfur in the char.

EQUIPMENT AND PROCEDURE

Carbonization runs were made with the equipment shown in figure 1. The carbonizer was designed for
temperatures to 2,000° F, pressures to 500 psi, and coal rates to 500 grams per hour. Coal from a closed
pressure-equalized hopper was injected by a vibratory screw feeder into a gas stream that carried the particles
at high velocity into the carbonizer. Another stream of gas entered the top of the carbonizer via a preheater
that heated the gas to the carbonization temperature.

The carbonizer was 4 inches in diameter by 18 inches long and was made of type 310 alloy steel, schedule
40 pipe. Three pairs of 6-inch-long, semi-circular electrical heating elements enclosed the carbonizing tube.
The preheater was a 4-inch-diameter by 2-foot-long coil of ¥%-inch stainless steel tubing surrounded by two
pairs of 12-inch-long semi-circular electrical heating elements.

All solid and liquid products were recovered from the gas stream. Coarse particles of char were recovered
in the lock hopper at the bottom of the carbonizer; char fines and carbon fines were extracted by a hot-dust
knockout chamber. Tarand pitch were removed by two knockout chambers in series, and water and light oil
were separated by means of a water condenser followed by dry-ice and silica-gel traps. Clean gas was passed

through a pressure letdown system, metered, and vented. Yields of dust, tar, light oil, and gas were not deter-
mined.

The carbonizer was preheated to the desired (constant) temperature, the system was pressurized to the
desired level, and gas flows were set to the predetermined rates and compositions. Coal was then injected to
begin the run. The carbonizer was designed to rapidly heat the coal particles as they passed through the 18-
inch-long hot zone. Pyrolization and devolatilization were effected in less than 1 second. Two hundred
grams per hour of 70-percent-through-200-mesh Pittsburgh-bed high-volatile A bituminous coal was processed
in 2-hour runs. Entraining gas was admitted at a rate of 20 actual cubic feet per hour. During the run, char
was periodically removed from the bottom lock hopper and gas samples were removed for analysis.

'Underfined numbers in parentheses refer to teferences at the end of this paper.
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EXPERIMENTAL PLAN

Experiments in the carbonization of coal to produce low-sulfur char were carried out and evaluated by
means of a 3-step procedure. Carbonization runs were first conducted to obtain data at various combinations
of the three major independent variables, These data were then used to develop an empirical mathematical
model that described the carbonization system. Finally, response surface analysis was used to interpret the
empirical model and predict the relationship between process variables and char yield and quality.

The carbonization runs were carried out according to a composite factorial design covering temperature,
pressure, and entraining gas composition—each at five levels. Carbonization temperature was varied from
1,500° to 1,900° F in 100-degree increments and is represented by X,. Operating pressure, X,, was varied
from O to 400 psig in 100-psig increments. Entraining gas composition (hydrogen in nitrogen), X 3, was varied
from O percent H, to 100 percent H, at 25 percent intervals. Table 1 shows the levels of the operating con-
ditions.

As illustrated by figure 2, a 3-dimensional coordinate system was assumed with temperature, pressure,
and entraining gas composition as the axes. Points at the eight corners of the cube represent the 2-level part
of the factorial design; the remaining points represent the composite portion of the design. Each numbered
point represents one experimental run and the center represents five additional runs, making a total of 19
runs. Computation of the variance of the system was based on the five runs shown at the center Actual
expenmental conditions are shown in the table that accompanies the sketch.

RESULTS

The following results are based on the analyses of data by means of response surface analysis. The
3-dimensional empirical models were developed at the 95-percent confidence level. In other words, 95 percent
of the time the results obtained from the empirical model will match the actual data obtained.

As stated, char yield and char quality were of primary interest, the latter being dependent on the con-
centration of total sulfur, organic sulfur, pyritic sulfur, sulfate sulfur, and volatile matter, and on the heating
value and ratio of sulfur content to the heating value. Concentrations of constituents in the char are given as
a weight percentage. Table 2 gives the actual experimental data for runs at various combinations of operating
conditions.

Char Yield

Figure 3 shows predicted char yield plotted as a function of temperature, pressure, and entraining gas
composition. Char yield values of 800, 880, and 960 pounds per ton of coal are shown. Within the limits of
the experiments, yields ranged from 646 pounds per ton of coal to 1,222 pounds per ton (table 3). Temper-
ature had a considerable effect on char yield, as was also found in the prior work (1): yields decreased with
an increase in temperature. Although pressure variation alone had little effect on char yield, the combined
effect of temperature and pressure was important. For example, yields were lower when temperature and
pressure were both high or both low. However, when the temperature was the lowest and the pressure was
the highest, yields were higher, as was also true when the temperature was the highest and the pressure was
the lowest.

Char Quali
Total, Organic, Pyritic, and Sulfate Sulfur

Sulfur does not occur as an element in coal or char; it is present in chemical combination in the form of
organic compounds, iron sulfides, and sulfates (4). Total sulfur is the sum of the weight percentage concen-
trations of all three. As shown in table 3, total sulfur left in the char ranged from 0.7 to 2.5 percent, often a
substantial decrease from the amount in the parent coal (2.55 percent). Figure 4 shows total sulfur surfaces
for values ranging from 1.0 to 2.5 percent. Crowding of the curved surfaces in the upper left hand corner of
the cube clearly shows the decrease in amount of sulfur in the char with increase in the temperature, pressure,
and percent hydrogen in the entraining gas. Within the experimental limits, the models indicate that a char
can be produced containing a minimum amount of sulfur (0.7 percent) at a temperature of 1,900° F,
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pressure of 400 psig, and 91 percent hydrogen in thc entraining gas. Production of 0.7 percent sulfur char
amounts to more than a 70-percent reduction in sulfur from the original coal.

Organic sulfur accounts for about three-fourths of the total sulfur in the char. A 3-dimensional plot of v
the values of organic sulfur as a function of temperature, pressure, and entraining gas composition is shown in
figure 5. By comparing this figure with the one for total sulfur (figure 4), a similar relationship between the
two plots can readily be observed. For instance, as in the case of total sulfur, an increase in temperature,
pressure, and percent hydrogen in the entraining gas decreased the amount of organic sulfur in the char. [
Theoretically, as indicated in table 3, carbonization at 1,900° F, 400 psig, and 100 percent hydrogen in the
entraining gas would produce a char containing virtually no organic sulfur.

Approximately one-fourth of the total sulfur in the char is in the form of pyritic sulfur. As shown by
figure 6, the amount of pyritic sulfur reached a minimum value of about 0.25 percent at 1,650° F, 230 psig,
and 50 percent hydrogen in the entraining gas. Increasing or decreasing values of the variables tends to increase
the amount of pyritic sulfur. Pressure and temperature had a greater effect on pyritic sulfur than did percent 4
hydrogen in the entraining gas.

Sulfate sulfur remaining in the chars ranged from 0.01 to 0.06 percent, as indicated in table 2. Since the
parent coal contained only 0.06 percent, a change in one or all three variables had no effect on the amount of
sulfate sulfur.

Char Sulfur Content Per Unit Heating Value

From a process standpoint, probably the best way to express the amount of suifur concentration of a ;
fuel is in pounds of sulfur per million Btu heating value of the fuel (char). Ordinarily, this ratio would be a
“function of the amount of total sulfur in the char and the heating value of the char. However, since the
heating value of the char changes very little within the experimental limits (discussed later in this paper),
values for the amount of sulfur per heating value are essentially the same as those obtained for percent total
sulfur. Figure 7 shows that an increase in temperature, pressure, and percent hydrogen in the entraining gas
decreases the amount of sulfur per million Btu. Within the experimental limits, the model indicates that a
char containing a minimum of 0.49 pound of sulfur per million Btu could be produced at 1,900° F, 400 psig,
and 91 percent hydrogen in the entraining gas.

Volatile Matter and Heating Value

As expected from the results of this experiment and prior work (1), char containing a maximum of
volatile matter was produced at relatively low temperatures, and char containing the minimum was produced
at higher temperatures. Pressure and type of entraining gas had little effect on the amount of volatile matter
remaining in the char. Table 3 indicates that (within the experimental limits) char produced at 1,900° F,

320 psig, and 25 percent hydrogen in the entraining gas would contain the minimum volatile matter—3.8
percent. Char produced at conditions that give the minimum total sulfur content (0.7 percent) would contain
7.38 percent volatile matter. Figure 8 is a graphic portrayal of predicted char volatile matter curves as a
function of temperature, pressure, and entraining gas.compositions. .

As shown in table 2, char heating values ranged between 12,350 and 13,380 Btu/lb. In the 3-dimensional
plot (not shown), the portion of the curves that fell within the experimental limits were nearly flat. Because
of the narrow range in the data and the flatness of the curves, it can be concluded that neither temperature,
pressure, nor percent hydrogen in the entraining gas affected the char heating value.

SUMMARY AND CONCLUSIONS

A low-sulfur char was successfully produced by pressurized carbonization of coal using hydrogen in
nitrogen as a hot entraining gas. According to empirical models, a char containing 0.7 percent sulfur, or 0.49
pound sulfur per million Btu, could be produced at 1,900° F, 400 psig, and 91 percent hydrogen in nitrogen.
Theoretical characteristics and properties of char produced under these conditions are compared with those
of the parent coal in table 4. -
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Major conclusions drawn from this work are:

(1) Total sulfur and organic sulfur content of the char and sulfur content per unit of heating
value decreased with increase in temperature, pressure, and hydrogen concentration in the
entraining gas.

(2) Pyritic sulfur content depended only on the carbonization temperature and pressure.
(3) Sulfate sulfur was unaffected by temperature, pressure, or entraining gas composition.
(4) Carbonization temperature, as would be expected, was of prime importance in regard to
the concentration of volatile matter in the resulting char; relatively low temperatures pro-
duced a char with a high-volatile matter content, and vice versa.
(5) Char yield decreased with increase in temperature; pressure. and entraining gas composition
had no effect. Char heating value was not significantly influenced by any of the three
variables. .
An empirical approach that included a mathematical model was found to be beneficial in predicting the
sulfur content of chars produced from coal over a specified range of operation conditions. The technique
was useful for predicting the conditions required for a specified product. For instance, the model for total

sulfur indicates that a char containing less than 0.7 percent sulfur could probably be produced at tempera-
tures and pressures higher than those investigated in this experiment.

REFERENCES

1. Belt, R.J.,J. S. Wilson, and J. J. S. Sebastian. Continuous Rapid Carbonization of Powdered Coal by
Entrainment and Response Surface Analysis of Data. Fuel, v. 50, No. 4, October 1971, pp. 381-393.

2. Davies, O. L. Design and Analysis of Industrial Experiments. Editor, Hafner Pub. Co., New York, 1967,
2d ed.

3.  Himmelblau, D. M. Process Analysis by Statistical Methods. John Wiley & Sons, Inc., New York, 1968.

4. Walker, F.E, and F. E. Hartner. Forms of Sulfur in U. S. Coals. BuMines Inf. Circ. 8301, 1966, 51 pp.




TABLE 1. — Design of the experiment

Coded design coordinate
Factor -2 -1 0 1 2 Symbol
Temperature, °F 1,500 1,600 1,700 1,800 1,900 X,
Pressure, psig 0 100 200 300 400 X,
Hydrogen in nitrogen,
percent -0 25 50 75 100 X,

NOTE: Table 2 follows Table 3.

TABLE 3. — Predicted minimum and maximum values for char yield and
properties and corresponding process conditions

Char yield Minimum Maximum
and Temp., | Pres.,|' EGC, Temp | Pres., | ' EGC,
properties °F psig | pct H, | Valuell Value| °F | psig | pct H,
Yield, 1b/ton 1,900 | 400 55 646( 1,222] 1,500 | 400 0
0
Total sulfur, pct 1,900 | 400 91 70 2.81 1,500 0 100
Organic sulfur, pct 1,900 | 400 100 .00 1.94 1,600 0| 100
Pyritic sulfur, pct 1,650 | 230 50 24 1.0} 1,900 0 100
Sulfate sulfur, pct 1,900 | 300 25 01 .06} 1,500 | 400 0
Sulfur content per
heating value, '
1b/MM Btu 1,900 | 400 91 .49 2.1] 1,600 0 100
Volatile matter, pct 1,900 | 320 25 3.80 16| 1,500 0| 100
Heating value, Btu/lb || 1,770 0 10 (12300 B4800 1,900 { 400 0

' Entraining gas composition, hydrogen in nitrogen.
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TABLE 4. — Comparison of Pittsburgh-bed high-volatile A bituminous coal and char
produced at 1,900° F, 400 psig, and 91 pct Hy, 9 pet N, entraining gas

Coal ' Char
Char yield, wt pét 340
Sulfur, wt pct - ) : .
Total : 2.55 .70
Organic . 1.49 .00
Pyritic 93 77
Sulfate ' 13 038
Sulfur-Btu ratio, 1b/MM Btu 1.81 .49
Analysis, wt pct’
Volatile matter 33.98 7.38
Ash ] 7.28 15.68
Hydrogen - 5.23 2.19
Total carbon 76.4 80.3
Fixed carbon 53.51 76.41
Water . .8 8
Calorific value, Btu/lb 14,300 13,300

! All values are theoretical. Sum of the orgam’c', pyritic, and sulfate sulfur percentages
will not necessarily equal the value for total sulfur.

H70

aler separator

Coal
hopper

Hydrogen and/or
nitrogen

Meter and vent

[ Dry ice
:| and acetone
Dust separator

Light ol

Char

FIGURE 1. — Flow Diagram of Pressurized Coal Carbonization System
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WET SCRUBBING OF SULFUR OXIDES FRCM FLUE GASES. James Jonakin and
A. L, Plumley, C-E Combustion Divisicn, Cembustlon Enginecring Inc.,
Windsor, Connecticut,

Much research and development work has been directed tcward re-
ducing sulfur oxides emissions from steam generating units. The
three wethods of minimizing SOx emissions are using a low sulfur
fuel, renoving the sulfur from the fuel tefore combustion, and
removing SOx from fiue gases., Wet sciubbing of flue gases, wvhich
removes both SO0x and particulates, has recsived the wmost attentica
because of low cost and simplicity. Combusticn Inzineering is
offering two wet scrubbing systems: furnace injection and tail end.

This paper will describe these systems including discussions

of laboratory and field studics and operating experience. The

systems sold to date will be listed.
She chemical reactiong that occur during operation of the
system will be suwmarized. Alco, the various by-~product utilization

the wet scrubbing system will be outlined.
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LIMESTONE WET SCRUDRBING OF SULFUR DIOXIDE FROM POVWVER GERERATION FLUE

GAS FOR LIGH AND ILOVW SULFYUR FCELS. Rohert J. Gleason, Research-
Cottrxell, P.0. Box 750, Bouhd Broock, New Jer say 3805; Frank Hecacock,
Arizona Public Service Company, P.O. Box 21666, Phoenix, Arizona 85036.

Limestone wet scrubbing has become the fiirst process anproach for
sulfur dioxide emission control on coal-fired poier generation boilers.
Systems under development have been concornced primarily with operational

reliability while 502 absorption ecfficiency has been «iven secondary
treatnent. Pilot plant studics on high and low sulfur fuels using packed
towar absorbers have shown the inlet $0, concentration and slurry coms
sition as significant factors in the removal efficiency and onerational
reliability. -Mass transfer cocfficiens have becen developed for a wetics
film packing. Variable height packed abszorbers can provide high abscorp-
tion efficicncy for both high and low sulfur fuels. Hence, compliance
with state and federal regulaticns can be achicved even in the exvrone
low sulfur coal conditions.

15
)
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v . . ) SO?.ABATEMEHT WITH THE TATL-ERD LINESTOLE
SCRUBEING PRCCESS. John M, Ctaig, Ph. D., Southern Services, Inc., P.0. Box 2625,
Birminghan Alabama, 35202; M, Demn High and BurRe Dell, Engincering Sclence, Inc. 600 Vate
gate, 600 Woew Hampehire Avenue, R.W. Washington D,C. 2T037

A 1500 CFM wobile pilot plant was cperated in an open-loop configuration to
evaluate the Zurn Industries, Inc. scrubber in the tail-end limestone vet scrubbing
process for SO0p abatement. The pilot plant was installed on both ojl-fired and conl-
fired poucr plants. Various operating parameters associated with 50y abaterient were
studied in the pilot plant in 2 series of statistical designs. Operating parameters
investigated included: pressure drop, gas flow rate, stoichiometry, slurry coucen-
tration, particle size and reactent type, The reactant types included: coral marl,
Fredonia Valley limestone, dole aragonite, lime and precipitated caleium carbonate.
Results frowm the statistical dea indicate that pregsure drop, stoichicmetry, and
gas flow rate had significant influence upon SO, removal cfficiency, Coral marl and
Fredoniz Valley llwectona removed 6375 percent of 50, depending upon the level of
the varicus opervatiug paramaters. The other caled ased reactants provided S0,
removal «fiiciencies beatween 45-90 percent depending vpon reactant and lavel of Epcrﬂ
paraweters. The Zurn Tadus scerubber had operating sat-backs duc to scale
formation in the scrubber t cppeavs to offfer an altm ive for reducing

the S02 o in a variety of industri

and

[ 2N
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PROCESS EXPERIEIICE OF THE RC/BAHCO SO, RENOVAL SYSTEM. Dr. Richard S.
Atkins, Research-Cottrell, P.0O. Box 750, Bound Brook, Rew Jersey 08805

This paper exanines the operating experiences of several Bahco SO
removal systems. S0, removal technology developcd by AB Bahco Ventil&ticn
Enkoping, Sweden, is“being succassfully applied in thirteen commercial
installations. CECach of thesc units has exhibited on-strcam reliability
and high £0, adsorption efficiency. The oldest unit has almost three
years of opfrating experience. Bahco design flexibility permits the use
of Na and K bases, slurries of Ca and iig bases and less exwpensive nate-
rials such as dolcmite, burned lime, limestone, sodium carbonate and
ammonia as votential scrubbing reagents. The process is amenable to by-
product recovery such as sodium ulfaLc, sodium sulfite, gvpsum, and
ammonium sulfate which reduces the threat of discharcing sccondarv
pollutants. The paper also exwlo*es the vossibilities of reverse fuel
switching. That is the burning of high sulfur fuels in conjuncticn with
using a RC/Bahco SO, scrubbar and oaLulning a morc econcmic less pollutant
situation than switChing to.low sulfur fuels. Research-Cotirell has the
rights for applying the Bahco SO2 removal technoloyy in the U.S. and
Canada. o
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CHEMICO PROCESS EXPERIENCE IN SCRUBBILIG S02 FRGM STACK GASES.
Robert Quig, PE, and I, Shah, Chemical Construction Corporation
320 Park Avenue, New York 10022 o

The operating experience at two 150 N7 power plants using the
Chemico stack gas scrubbing system with chemical additives will be
discussed. One is a tvo-stage caleiunm oxide additive sulfur ozilde
scrubbing end disposal system for the Mitsui. Aluminua Ceampanies,
Ohmuto Station, Japan. The other is a magaesiuvm oxide sulfur

~oxiée scrubbing end remote recovery system for the Roston Edison

Company.

n.addition, the sulfur oxide removal cbscrved by the
utilization of glkaline £ly ash solutious &5 recycled slurry
in two major Chcemico scrubbing projeects in operation on

western coal-fired boilers will be presentcd. .
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THE CHEMISTRY OF THE MOLTEN CARBONATE PROCESS
FOR SOZ REMOVAL FROM STACK GASES*

S. J. Yosim, L. F Grantham and D, E. McKenzie

Atomics International
A Division of North American Rockwell Corporation

G, C, Stegmann
Consolidated Edison Co, of New York, Inc,

INTRODUCTION

The Atomics International Molten Carbonate Process for removal of sulfur
oxides from power plant stack gases has been under development since 1966. A
10 Mw pilot plant is now under construction. This paper describes the process

chemistry. Brief descriptions of the pilot plant and of process economics are
also given.

PROCESS DESCRIPTION

In the Molten Carbonate Process, a molten eutectic mixture of lithium, sodium,
and potassium carbonates is used to scrub the power plant gas stream. The sulfur
oxides in the gas stream react with the carbonates to form sulfites and sulfates,
which remain dissolved in excess unreacted carbonate melt. The molten carbonate -
"sulfite- sulfate mixture is then treated to convert the sulfite and sulfate back to car-
bonate and to recover the sulfur as elemental sulfur. The regenerated carbonate
is then recirculated to the scrubber to repeat the process cycle.

The regeneration of carbonate is ‘done in two steps: 1) the reduction of the sul-
fite and sulfate to sulfide, and 2) the conversion of the sulfide to carbonate plus
hydrogen sulfide. The reduction step is accomplished by reaction with a form of
carbon, such as petroleum coke. The conversion of the sulfide to carbonate is
accomplished by reacting the melt with steam and carbon dioxide, liberating hydro-

. gen sulfide. The hydrogen sulfide is then converted to elemental sulfur in a Claus
plant.

The process flow diagram is shown in Figure 1. The process steps are as
follows: )

1) The gas to be treated is removed from the boiler at about 450°C and, if

the boiler is burning coal, the gas passes through a high temperature, high effi-
ciency electrostatic precipitator where essentially all the fly ash is removed. The
gas then passes through the scrubber, where the sulfur oxides are removed by con-
tacting the gas stream with a spray of molten carbonate at 450°C. This gas-liquid
contact removes 95% or more of the sulfur oxides and most of the remaining ash
from the gas stream. The cleaned gases are then returned to the boiler for fur-
ther heat recovery, and eventually pass out the stack.

2) The molten salt stream containing carbonate (M_CO_, where M @ the mix-
ture of Na, K, and Li), sulfite {M,SO.), sulfate {M_SO % ang ash from the scrub-
ber is pumped to a purification systern and filtered to remove the ash. The ash
filter cake is subsequently treated to recover the contained lithium carbonate.

*A portion of the work upon which this paper is based was performed under Con-
tract No. CPA.70-78 with the U.S. Environmental Protection Agency
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3) The filtered melt is fed into the reducer, and reacted with carbon. The
melt temperature is raised from 450°C to ~850°C by heat from the com-
bustion of part of the carbon with air, and the sulfite and sulfate in the melt are
completely reduced to sulfide (M S).

4) The melt stream from the reducer 1s passed into a quench tank where its
temperature is lowered from 850 C to 450°C by mixing with cooler melt and by
passing through a heat exchanger. The effluent from the quench tank is filtered to
remove unreacted coke and coke ash and then passed on to the regenerator.

5) In the regenerator, the reduced melt is reacted with carbon dioxide (pro-
duced in the reduction step) and steam in a multi-stage, countercurrent sieve-tray
column. The sulfide in the melt is completely regenerated to carbonate (M CO3),
and the sulfur is released as hydrogen sulfide (H_S). The hydrogen sulfide is
passed to the Claus plant, where it is converted to elemental sulfur.

6) The regenerated melt is recirculated to the scrubber, with the small filter
melt losses being made up by addition of fresh carbonate.

CHEMISTRY OF THE PROCESS

The alkali carbonate eutectic melt(l) used in the process is a mixture of
32 wt % lithium carbonate, 33 wt % sodium carbonate, and 35 wt % potassium car-
bonate. The physical properties of the eutectic are given in Table 1.

TABLE 1

PHYSICAL PROPERTIES OF THE ALKAL] CARBONATE EUTECTIC

Property Magnitude Reference
Melting Point 397°C 2
Molecular Weight 100 gm/mole 2
Heat of Fusion 6.6 kcal/gm-mole @ 397°C 2
Density 2.12 gm/cc @ 450°C 3
Viscosity 9.82 cp @ 450°C 4
Heat Capacity 40. 39 cal/gm-mole @ 450 C ! 2
Surface Tension 236.9 dynes/cm @ 450°C i 3

The melt has several chemical and physical properties which offer advan-
tages for scrubbing sulfur dioxide from flue gas. It is a liquid which is easy to
handle, pump and transport, and has a negligible vapor pressure so that it is not lost
by evaporation and does not require high-pressure equipment. It is a strong base;
therefore it reacts rapidly with acidic sulfur oxides, so that scrubbing contact
time can be short. Since the entire liquid is a strong base, it has a high capacity
for sulfur oxides and the amount of melt which must be regenerated continuously
is relatively small. The great affinity of the melt for sulfur oxides leads to the
removal of large percentages of the sulfur oxides frorn even very dilute gas
streams. The use of this melt in the scrubber at 450°C does not cool off the gas
stream or saturate it with water vapor. Finally, the carbonate will react with
other acidic gaseous pollutants such as NO, and HCI; therefore the potential
exists for control of other pollutants such as NOx by the same process.

The chemistry of each step of the process has been studied in detail and is
summarized below. :
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1. The Scrubbing Step

The reactions taking place in the scrubber are

SO2 absorption: SOZ(g) + MZCO3(2) - MZSO3(£,) + COZ(g) (1n
SO3 absorption: SQ3(g) + M2C03(2) - MZSO4(Z) + COZ(g) {2)
MZSO3 oxidation: Mzso3(z) +1/2 Oz(g) - MZSO4(L) (3)

Absorption of SO_ and SO, (Eq 1 and 2) is very rapid. For example in the
laboratory when pure SO, is bubbled through 2 in. of melt, no odor of SO, can be

detected in the exit gas (é The presence of O, CO_, N_, H O and ffy ash
does not affect the SO removal Melt which was regenerated 3 times in a series
of cyclic tests was equally effective in removing SO These results are not sur-

prising in view of acid-base considerations in which the acidic SO is neutralized
by the basic alkali carbonate melt. :

In an actual plant good contact must be made between the large volumes of
flue gas and the relatively small melt stream. However, power plant integration
requirements make it important to impose as small a pressure drop as possible
on the gas stream. Because of this, a spray contactor has been selected as the
molten salt scrubber concept. The spray contactor utilizes spray nozzles to
break the melt up into small droplets for good gas-liquid contact, and a very
efficient mist eliminator to prevent the gas stream from carrying melt mist out of
the scrubber.

For example, in bench scale tests where hot synthetic flue gas was forced
past a single melt spray nozzle at 25 ft/sec, sulfur oxide removal efficiencies of
97-100% were obtained and little (if any) melt in the exit gas could be found. The
oxidation of MZSO3 (Eq 3) does not appear to be very rapid at the scrubber tem-
perature. For example, when synthetic flue gas containing 1 vol % O_ and
0.1 vol % SO, was bubbled through molten carbonate eutectic at 450 C2 only 18,
31, and 44 wt % of the sulfite,formed from the absorbed sulfur dioxide, was oxi-
dized to sulfate in 4, 7, and 14 hours, respectively. When the synthetic flue gas
contained 5 vol % O_ and 0.3 vol % SO_, 42, 49, and 55 wt % of the absorbed sul-

. fur oxide was oxidized to sulfate at similar times. Neither water nor fly ash had
any appreciable effect on the oxidation rate.

2." The Reduction Step

The principal reactions occurring.in the reduction step are disporportionation
(Eq 4) and reduction (Eq 5 and 6). :

Disproportionation: 4M,50,(2) ~ 3M,S0,(s) + M, Sk) . (4)
Reduction: ZMZSO3(2) + 3C(s) ~ 3C02(g) + ZMZS(JL) (5)
Reduction: MZSO4(£,) + 2C(s) - ZCOZ( g) + Mzs(z) (6)

The disproportionation rate of sulfite to form sulfide and sulfate (Eq 4) has
been measured. Rate measurements indicate that d1Sproport1onat1on is a first
order reaction which is not important at scrubber temperature (450°C) but is
rapid at reduction temperatures (850°C) Therefore, in the process the major
sulfur compound undergoing reduction is sulfate.

The sulfate (Eq 6) and sulfite (Eq 5) can be reduced by numerous substances.

Fluidized coke is particularly good for this application since it is relatively inex-
pensive'and has a low ash content. The reaction rate increased by about 2-3 for
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each 50 C temperature rise; reduct1on times of 170, 30, 15, and 4 min were ob-
served at 700, 800, 875, and 950°C, respect1vely Therefore, the reduction reac-
tion is carried out at temperatures of about 850°C or above.

In order to raise the temperature from 450 °C to about 850°C and to supply the
endothermal heat of reduction (~40 kcal/mole) considerable heat must be supplied.
Because of materials limitations at this high temperature, the most feasible way
to supply the heat of reaction is to generate the heat internally, by the combustion
of carbon with air. This eliminates the need for heat transfer surfaces operating
at high temperatures in a corrosive environment. ’

3. The Regeneration Reaction

Two important reactions occur in the regenerator: .adsorption of carbon di-
oxide (Eq 7) and regeneration of carbonate { Eq 8).

Adsorption of CO,: M, S(£) + CO,(g) ~ Mzcozs(z') (7
Regeneration: M, S(¢) + CO,(g) + H,O(g) ~ M,CO,(4) + H,Sg) (8)

Carbon dioxide is readily absorbed by molten melts containing sulfide. The
amount of carbon dioxide absorbed increases as the temperature decreases and as
the carbon dioxide partial pressure increases. Although the thiocarbonate inter-
mediates (M CO S, M_COS, and M_,CS.) have not been identified in the melts, the
chemistry 1nvolved 1nd2cates that the formation of these substances is the most

- likely explanation for carbon d1ox1de absorption. These intermediates are quite

stable at temperatures of about 450°C and even appear to exist to some extent at
temperatures as high as 950°C. Depending on the carbon dioxide part1a1 pressure,
about 0.5 to 1.5 moles of CO_ are absorbed per mole of sulfide at 450 °C. These
absorption reactions are exotiermw (15-20 kcal/mole) and are reversible.

Both carbon dioxide and steam must be reacted with the melt before regenera-
tion occurs (Eq 8), although a substantial amount of carbon dioxide must be ab-
sorbed (Eq 7) before any evolution of hydrogen sulfide begins. However, since the
intermediate has not been identified, the overall regeneration reaction is given in
Eq 8. This reaction is rapid and complete, particularly at temperatures of about

-450°C. Since the regeneration reaction is exothermic, the melt must be cooled

during regeneration in order to maintain optimum regeneration temperatures
(450-500°C). The concentrated hydrogen sulfide stream evolved from the regen-
erator is fed to a Claus plant for conversion'to sulfur.

4. Lithium Recovery

The melt used in this process is relatively inexpensive except for the lithium
carbonate, therefore it is desirable to recover the lithium from the process filter
cakes. An aqueous process has been developed for this purpose. The filter cakes
are slurried with water and filtered to extract the very soluble sodium and potas-
sium carbonates; lithium carbonate remains with the ash since it is relatively
insoluble under these conditions. The ash-lithium carbonate cake is slurried in
water and the lithium is solubilized by conversion to the bicarbonate. The ashis
removed by filtration and the soluble bicarbonate in the filtrate is precipitated as
the carbonate. ' The lithium carbonate is separated by filtration and returned to
the process stream; the saturated lithium carbonate filtrate is recycled to con- \
serve lithium. Laboratory tests have demonstrated that over 90% of the lithium

can be recovered by this technique.
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5. Materials and Components

A test program to select materials of construction which resist corrosion by
the process melts has been underway for over 5 years. At first, all of the com-
mon metals, alloys, and ceramics were given screening tests. Successful candi-
dates were then subjected to long-term tests, including one-year tests in rotating
capsules. As a result, it was found that 300 series stainless steel was the best of
the conventional alloys for service below 550°C, and that high density alumina was
very corrosion-resistant even at 950°C.

After the preliminary selection of 300 series stainless steel, this alloy was
subjected to further tests to study the effect of stress in the presence of chloride,
oxygen, and water vapor, the effect of sensitization, and the rate at which the
alloy constituents are leached out and transported under the influence of a temper-
ature gradient. A molten salt loop has been in operation for several months as a
part of these tests. The results indicated Type 304 and 347 stainless steel as the
best of the conventional alloys for service below 550°C. High density alumina was
very corrosion-resistant even at 950°C, therefore alumina bricks will be used to
line the pilot plant reducer vessel.

The success of the type 300 series stainless steel in molten carbonates is due
to the protective LiCrO_ film which forms a compact, tenacious and self-healing
layer. This film forms in about 500 hours and decreases the corrosion rate to a
few mils per year. It has been shown that this film is essentially chromium
oxide, with the vacant interstices filled with lithium. Lithium is the only stable
ionic species present in the melt which is capable of filling the vacant interstice
without expanding the oxide lattice. 5) Thus a stable diffusion barrier is formed
which limits further corrosion.

ECONOMICAL EVALUATION OF THE PROCESS

An economic analysis of the process has been done to estimate the capital and

- operating costs of a large commercial plant. The economic analysis was made
for a plant treating the gas stream from an 800 Mw generating station, operating

_at a 70% plant factor and burning coal containing 3% sulfur. A penalty charge for
the high-temperature electrostatic precipitator was assessed. The cost of the
Claus sulfur plant was also included. The total capital requirement is about
$15 million, or $18. 70 per kilowatt of generating capacity. This cost appears to
be quite competitive with that for any other stack gas treatment process which
recovers the sulfur in useful form. »

The estimated annual operating cost for the 800 Mw plant assuming capital
charges of 14% per year is 0.87 mills/kwh, without any credit being taken for the
by-product sulfur produced. A return of $20/long ton for the sulfur is equivalent

to a credit of 0.18 mills/kwh, reducing the operating costs to about 0. 7 mills/kwh.

This compares quite well with present estimates of 0.7 to 1.4 mills/kwh for low-
sulfur or desulfurized fuels.

A thorough engineering and economic evaluation of the Molten Carbonate Pro-
cess has recently been completed by Singmaster and Breyer, under contract to
EPA. For the same plant situation, their cost estimates were $16.81/kw for
the capital investment (not including the Claus plant) and 0. 95 mills/kwh for oper-
ating costs without by-product credit. The differences between the two estimates
are probably well within the accuracy of the calculations.
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PILOT PLANT PROGRAM

The pilot plant, funded by Consolidated Edison, Northeast Utilities, and North
American Rockwell, will process a side stream'of stack gases from a 335 Mw
boiler at the Consolidated Edison Arthur Kill Station on Staten Island. It is planned
to vary the SO, concentration at the inlet to the scrubber in order to map process
performance over a wide range of conditions. The side stream will correspond to
approximately 10 Mw equivalent of gas. ’

The gases, at 125°C, will be heated to about 450°C by an in-line burner firing
the same fuel as the boiler. The flue gases produced by the boiler when burning
the fuel oil presently specified will contain ~200 ppm sulfur oxides. This concen-
tration is low when compared to the 2000 ppm typical of gases produced by boilers
burning coal containing 3% sulfur. In order to provide the flexibility needed to
operate over a range of sulfur oxide concentrations, the pilot plant will be de-
signed to recycle some sulfur dioxide from its Claus plant.

Construction of the pilot plant is underway. - Plant start-up is scheduled in
January, 1973. A one-year test program is contemplated. During this period of
time all system and component performance tests and optimization studies can be
completed.
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RECOVERY OF SO, FROM STACK GASES AS ELEMENTAL SULFUR BY A DRY FLUIDIZED
ACTIVATED CARBBN PROCESS. J. E. Davis, F. J. Ball, G. N. Brown, A. J.
gepik, S. L. Torrence, Westvaco Corporation, Box 5207, N. Charleston,

. C. 29406.

A dry fluidized activated carbon process is being developed at the
continuous pilot stage for recovery of SO, fromwaste or flue gases
as elemental sulfur. The SO, is removed ;rom the gases as sulfuric acid
on carbon by sorption, cata]?tic oxygenation and hydrolysis. This is
acconplished in a fluidized bed sorber cooled by water sprays at 150 to
300°F. An important development is the direct conversion of sorbed sul-
furic acid to elemental sulfur by reaction with intemally produced hydro-
gen sulfide. The product sulfur is recovered as molten sulfur by vapori-
zation: at 1000°F and condensation. The residual sulfur on the carbon is
then reacted with hydrogen at 1000°F to produce the required hydrogen
sulfide and conplete the carbon regeneration. A1l regeneration steps employ
fluid bed reactors. Adsorption of SO2 at up to 25,000 cfh has been de-
mons trated on power boiler flue gases“and simulated Claus tail gas. Feasi-
bilities of the regeneration steps at comparable carbon rates have been
shown and continuous integration of the pilot equipment is currently being
achieved. Economic projections based on a 1000 MW conceptual design compare
favorably with published figures on alternate measures to control SO, emis-
sions. The current use of fluidized carbon beds to continuously desalvate
air streams of up to 500,000 cfm with minute carbon attrition should expedite
scale-up.
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AMMONIA INJECTION: A ROUTE TO CLEAN STACKS

By C.C. Shale

U.s. Department of the Interior, Bureau of Mines
Morgantown Energy Research Center
P. O. Box 880, Morgantown, W, Va. 26505

INTRODUCTION

Reduction in SO, emissions from cdal-burning powerplant stacks is essential to minimize atmospheric
pollution from this source. Projections of energy demand show that by 1980 coal will account for about 25
million tons of total sulfur oxides output, mostly SO, , unless effective control methods are developed.

A vapor phase ammonia injection process for SO, removal is being developed at the Morgantown
(W. Va.) Energy Research Center. In laboratory research with simulated stack gas containing 4,200 ppm
SO, (equivalent to 6.0 percent sulfur in coal), essentially complete removal of SO, from the gas phase was
effected by ammonia injection (2).! Preliminary work has since been carried on with a small pilot-scale instal-
lation in which the sulfur products from the vapor phase reaction are removed in a water scrubber. This
paper presents additional data from the laboratory work and the pilot-scale installation.

DESCRIPTION OF PROCESS

In the vapor phase ammonia injection process water (or steam) and gaseous ammonia are injected to the
stack gas while the gasis at some temperature { ) 160° F) above that at which ammonium sulfite, the princi-
pal product, decomposes (140° to 158° F) (4). After the water is vaporized and the reactants thoroughly
mix, the gas is cooled below 140° F and the finely divided salt particles separate from the gas as a smoke or

fume (dp =0.01 to 1.0 micron). The entrained solids, salt particles and fly ash, are then recovered concur-
rently.

The process offers high versatility in the removal of the entrained solids. They can be removed in either
a dry or wet state, and if removed by a wet method, several alternatives are available for regenerating ammonia
for reuse. Furthermore, since each salt particle could contain over a million SO, molecules, removal of SO,
as a solid could provide more effective gas cleaning at reduced capital and operating costs. For example, the
usual method for cleaning stack gas in modern powerplants is depicted in figure 1(A); after partial recovery of
heat, ash is removed in an electrostatic precipitator prior to release of the gas to the atmosphere. Proposed
modifications to this mode of cleaning in conjunction with ammonia injection also are shown for dry removal
of the salt particles along with the ash in a precipitator as indicated in figure 1(B), or by dry removal of ash
followed by wet removal of the salts and residual ash as indicated in figure 1(C). Results of qualitative tests
in a precipitator indicate the salts are collectible in the dry state, as suggested, but no attempts have been
made to secure quantitative data. If collected dry, the salt-ash mixture could be utilized as a soil conditioner
or low-grade fertilizer and regeneration of ammonia would not be necessary.

If a wet method for collection is selected, ammonia can be regenerated from the salt solution by reaction
with a readily available metal oxide, such as lime or zinc oxide, with formation of a stable sulfur product for
disposal. These metal oxides, however, as well as their reaction products, are insoluble and could cause
deposition on heat transfer surfaces and/or clogging in the regenerating equipment. Therefore, as indicated
in figure 2, to insure continuity and reliability of the process, a soluble metal oxide was utilized (in the form
of sodjum hydroxide solution) to regenerate the ammonia in the experimental work described. This procedure
also allows more effective utilization of the metal oxide; the soluble oxide (NaOH) can be regenerated in batch
equipment outside the continuous portion of the process by reaction with either the aforestated insoluble
reactants, lime or zinc oxide. Better control is afforded in a batch reactor with more efficient use of reactants.

LABORATORY DATA

Published data (2) from the laboratory work on the vapor phase reaction as well as unpublished data on
kinetics of the reaction are presented for purposes of clarity.

T - ) - i
Underlined numbers in parentheses refer to references at the end of this paper.
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Figure 3 shows the effect of adding various quantities of ammonia to an SO, -laden gas stream in the
presence of an excess of water vapor in the laboratory-scale equipment. ‘Essentially complete removal of
SO, from the gas phase is effected when ammonia additions are actually slightly less than the calculated
stoichiometric quantity for sulfite formation. For example, at a gas flow rate of 10 scfh the calculated rate
of ammonia addition for 3.6 percent solution is 1.86 milliliters per minute for removing all SO, from a gas
containing 4,200 ppm, but no SO, was detected at the rate of 1.74 milliliters per minute. It is obvious that
some bisulfite salt is formed in the reaction of SO, with ammonia and water vapor. The kinetics of the
reactions are indicated to be adequate for commercial utilization by the curves given in figure 4, wherein
residence time in the reactor was less than 0.4 second at a gas flow rate of 70 scfh, the highest tested.

PILOT-SCALE EQUIPMENT

The entire pilot-scale installation consists of a coal combustor, cyclone separator, two heat exchangers,
scrubber, regenerator, and exhaust fan, The scrubber and regenerator are equipped with heat transfer coils
and all equipment in contact with the scrubber liquid is made of stainless steel. Gas-sampling ports are
installed upstream and downstream of the scrubber. Process data are provided by three recording instru-
ments: a liquid conductivity meter, a pH analyzer, and a flame photometric SO, analyzer. This type of
analyzer detects sulfur regardless of the compound in which the sulfur occurs.

Combustion gas is generated by burning coal at rates up to 10 1b/hr. A portion of the gas is cooled to
about 400° F, is passed through the cyclone to remove most of the fly ash, and is further cooled (to about
160° F) before entering the scrubber vessel above the liquid level as shown previously in the flowsheet of
figure 2. A liquid spray in the lower portion of the vessel cools the gas to about 130° F prior to actual
scrubbing. After scrubbing, the clean gas, saturated with water vapor, flows through a mist eliminator to a

-stack at about 115° F. Sulfur dioxide content of the gas is monitored at the cyclone outlet (before reactant

injection) and at the scrubber outlet.

Most of the scrubber liquor is cooled (105° F) and recycled in the raw state. Part of the cooled liquor
is filtered to remove accumulated ash particles and flows through the pH meter, conductivity meter, and then
to the cooling spray. Another portion (without cooling) is filtered and flows to the regenerator at a controlled
rate. As shown, sodium hydroxide solution also flows to the regenerator at a controlled rate. The mixture of
solutions is heated to about 220° F and chemical reaction releases the ammonia and steam; these products
return to the system under the force created by their vapor pressures.

Prior to use of sodium hydroxide, lime and zinc oxide slurries were tested successfully for regenerating
ammonia, but these insoluble metal oxides could not be effectively maintained as a suspension. Both reactant
and product settled in the regenerator to ruin heat transfer and/or clog the liquid drain. Therefore, as stated
earlier, sodium hydroxide was utilized to promote continuity and reliability to the system.

PILOT-SCALE OPERATIONS

Total liquid in the scrubber system in the pilot equipment is maintained at about 16 liters. The raw
solution in the scrubber is recycled to the distribution plate at rates from 0.2 to 0.7 gal per minute. The
filtered portion that flows through the monitoring instruments and the cooling spray is maintained constant
at a rate of 0.2 gal per minute. Flow of solution to the regenerator is controlled from zero to 4.2 liters per
hour, depending on the rate at which ammonia is needed for the vapor phase reaction.

At the start of an operation water or ammonium sulfite solution can be used as the scrubbing liquid.
If water is used, primary ammonia and steam must be injected to the gas and the scrubbing operation must
continue for several hours prior to regeneration of any ammonia. This builds up a salt solution. If asulfite
solution is used (3.0 percent), ammonia regeneration can begin immediately.

Preliminary tests with the pilot-scale unit confirmed laboratory results and showed that essentially com-
plete removal of SO, from the gas phase could be achieved in the larger equipment by injecting ammonia and
steam, Many other tests were conducted to isolate the effects of some operating variables, including minimal
development of the water scrubber. Results of these tests, however, are not described; the data are outside
the scope of thlS paper.
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Final selection of scrubbing medium allowed provision for a liquid reservoir on a distribution plate as
described by Kempner, et al (1), and indicated in figure 2. Single or multiple layers of 50-mesh screen were
used to obtain liquid-solid contact and to cause wetting and removal of the solids. Results of selected tests

- of a few hours duration are given in table 1, wherein, unless otherwise noted, 1.0 scfh ammonia and 2.0 1b per
hour steam were injected into a flow of 500 scfh combustion gas. Under these conditions mass flow rate was
about 350 Ib/hr-ft?. Calculated salt content of the gas was 0.13 gram per cubic foot based on SO, concentra-
tion of 900 ppm, as determined by wet chemical analysis (analyzer not installed). Ash content was determined
by sampling the gas at the specified isokinetic rate. Because of combustor limitations, higher mass flow rates
could not be tested on a continuous basis.

As shown, the scrubber removes well over 90 percent of the salt and residual ash particles using a single
screen atop the liquid reservoir. This degree of removal is attainable at a pressure loss under 2 inches of water
and demonstrates that the solids are removed with very short contact time in the cleaning equipment.

After installation of the sulfur analyzer, continuous monitoring was provided. Results of a continuous
operation using this scrubber concept in the pilot-scale unit covering 105 consecutive hours (4.4 days) are
summarized in table 2. During this period the scrubber was off line only one hour to clean a clogged line. At
the start of the operation the scrubber contained a 2.9 percent solution of ammonium sulfite which had been
prepared and used previously for almost 8 hours. During extended tests, pressure loss through the scrubber
ranged from 2.0 to 2.2 inches of water. The liquid-gas ratio was about 5.0 1b/1b. Throughout the test all
ammonia was regenerated from the scrubber liquor using sodium hydroxide solution except for a single 3-hour
span during which 1.0 scfh of ammonia was added to test the effect of higher pH in the scrubbing liquid.
Operation during the final 20 hours is not representative. This period was devoted to obtaining specific
essential data for other purposes. :

A calculated ammonia balance (using conductivity and pH measurements) over the first 83 hours of
operation showed 4.23 g-moles ammonia loss due to all causes, which is representative of a maximum stack
loss of 3.53 cubic feet of ammonia. Since a total of 41,500 ft3 of gas was processed, ammonia loss was about
85 ppm. On a once-through basis this represents about a 4 percent loss, using an average SO, inlet of 1,050
ppm with 90 percent removal. Other potential losses can occur as solid salts out the stack, unregenerated salt
solution, and leakage. Sulfur dioxide concentration in the effluent gas remained consistent, always ranging
below about 220 ppm (usually below 100 ppm) and demonstrating a removal efficiency above 77 percent.

This removal effectiveness was accomplished at a pH that never exceeded 5.4 and usually was in the range
3.5to4.5.

Further analysis of the data in table 2 reveals apparent irregularities in performance of the process. For
example, at an elapsed time of 61 hours scrubber solution was being regenerated at a rate of 2.1 liters per hour
to supply ammonia for the vapor phase reaction. Removal efficiency was only 77 percent. Six hours later
while SQ, content of the inlet gas was higher (1,000 vs 910 ppm) scrubber solution flow rate to the regen-
erator was zero, but the SO, content of the purified gas was only 10 ppm; removal efficiency was 99 percent.

Other similar examples can be isolated. These conflicting data indicate some of the complexities of the
process: '

1. If all SO, is not converted to the solid state, part or all of the remainder is absorbed during
the scrubbing operation. The degree to which this action occurs appears to be directly pro-
portional to the pH of the scrubbing solution and the rate at which scrubber solution is
recycled to the distribution plate. -

2. At any given flow rate of scrubber solution to the regenerator, the volume of ammonia regen-

erated appears to vary directly with solution pH, salt concentration, and regenerator temperature
(up to about 220° F).

3. Excess sodium hydroxide solution (metal oxide) must be available at all times in the regenerator
for reaction with the scrubber salt solution.

-. PROCESS CHEMISTRY

Initial chemical reactions in the vapor state are postulated as,
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2NH; +8S0; + H, O = (NH,),S0,,and (1)

) NH, +SO, +H,0 = NH,HSO,. 2

After the scrubbing operation, the solution of salts is exposed to sodium hydroxide solution; chemical reaction
o releases ammonia and steam for recycle,

(NH,),S0; + 2NaOH =  Na, SO, + 2NH, + 2H, 0, and 3)
NH,HSO, + NaNOH < NaHSO, + NH, + H,0. @

During the scrubbing operation some of the sulfites are oxidized to sulfates; the oxidation products appear to
be continuously removed from the scrubbing liquor by similar reactions in the regenerator,

(NH,);SO, + 2NaOH =  Na, SO, + 2NH, + 2H,0, and )
‘ NH,HSO, + NaOH = NaHSO, + NH, + H,0. ' (6)

Moreover, it is evident that sulfur trioxide also is removed from the gas as shown by the analyses listed in

table 2 (0 ppm SO,, 72—89 hours). Ammonia can be regenerated from the sulfates as shown in reactions (5)

: and (6). Other reactions that may occur could remove selected components from the combustion gas, such as

l NO, or CO,, but the high reactivity of the sodium ion should induce reaction with the ammonium salt produced,
and thereby minimize this potential loss of ammonia.

}\ , As previously indicated, other chemical means are available for regenerating ammonia, such as reaction
) with lime or zinc oxide slurries, both of which have been tested successfully in the pilot installation. These
reactions are demonstrated by the equation,

\ .
} CaO + (NH,4), SO, = (CaSO,; + 2NH, + H,0. O

: In this reaction, however, both the reactant and the sulfur product are insoluble and could interrupt process

continuity by deposition and clogging if installed in the continuous portion of a recycle system. Furthermore,

R the sodium salt solution from the regenerator can be isolated for batch reaction with a cheap insoluble metal
\\ oxide, such as lime slurry,
l Na,SO; +Ca(OH), = CaSO,; + 2NaOH, or 8)
H Na, SO, + Ca(OH), = CaSO, + 2NaOH. (2]

After concentration, the sodium hydroxide can be recycled. In addition, all disposable salts can be oxidized
to the: most stable state, e.g., calciumn sulfate.

Another means for disposal of a sulfur product could involve reaction of hydrogen sulfide with either the
ammonium or sodium sulfite solution to produce elementary sulfur. Additional processing is required, but the
weight of disposable product could be reduced by a factor of about four. Moreover, under select conditions
sale of sulfur could offset at least part of the processing costs.

= s

DISCUSSION

The vapor phase reaction between water, ammonia, and sulfur dioxide is essentially instantaneous in the
presence of an excess of water vapor. The reaction occurs when the mixture is cooled below the decomposi-
tion temperature of the product compound(s). In the presence of adequate ammonia virtually complete
removal of SO, is available providing that the reactants are thoroughly mixed prior to the cooling operation.

-~~~

5

b The apparent cause for such effective removal of the finely-divided salt particles (dp = 0.01 to 1.0 micron)

and the residual ash particles is the process of nucleation that occurs when excess water in the gas condenses on
. the solids during the cooling operation. This process allows the soluble particles to be dissolved in the scrubbing
A liquid and the insoluble ones to be enlarged for easier capture. Theoretically, the ash particles could serve as
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condensation nuclei for the salt particles; the ash particles then could be wetted by dissolution of the adhering
salts and could cause effective size growth in the insoluble solids with concurrent ease of removal.

Scrubber liquid can be recycled to obtain a salt solution of any desired concentration prior to regenera-
tion of ammonia from the solution. The upper limit on solution concentration presumably will be controlled
by the vapor pressures of the components, ammonia and sulfur dioxide. At high pH, ammonia vapor predom-
inates; at low pH, sulfur dioxide is the dominant vapor. Therefore, optimum recycle of the scrubber liquid will
be controlled at low pH and dilute solution concentration concurrent with and relative to equipment (capital)

and operating costs. A solution having low pH (e.g., { 6.0) requires stainless steel or protected carbon steel to
prevent corrosion.

The process of nucleation apparently is dominant in removal of the entrained solid salts, whereby most

of the residual ash also is removed by the scrubbing liquid with low contact time. Whatever the reason, the
process is effective at low pressure Joss.

Batch processing of the sodium salt solution from the regenerator allows more effective utilization of lime.

However, disposal of product salts remains a problem.

Furthermore, after ammonia injection, effective removal of sulfur dioxide as a solid can be accomplished
with water or a dilute salt solution. As exeémplified by work conducted at Tennessee Valley Authority (TVA)
(3) for removal of SO, by scrubbing with ammoniacal solution, the scrubber solution must have high pH
(v 6.4) and must be relatively concentrated to provide the required driving force for effective absorption.
Under these conditions at least one addltlonal stage of scrubbing is required (with increased pressure loss) to
prevent gross loss of ammonia.

CONCLUSIONS

Ammonia injection followed by gas cooling is demonstrated as an effective means for removing SO, from
the gas phase in combustion gas mixtures. Product sulfur-bearing salts, which are entrained in the gas, can be
removed in a single stage water scrubber, and ammonia is effectively regenerated from the scrubber liquid
through reaction with sodium hydroxide solution. Ammonia losses are minimal and presumably can be
reduced even further through use of a second stage of scrubbing. All reactants and products in the continuous

cycle of the process are water soluble, so no equipment clogging occurs; process continuity and reliability are
not interrupted.
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TABLE 1. — Scrubber operating data

Scrub. medium, | Liquid recycle | Pressure loss | 1/Resid. NH;, 2Resid. ash | Removal eff., percent
Test no. screen rate, gpm inH, O | gm/ft® x 1073 | gr/ft3 x 1073 Salt Ash
1 3/None 0.4 1.5 15.5 23 88.1 92.8
2 1 4 2.5 6.8 13 94.8 95.9
3 1 4 2.5 6.4 20 95.1 93.7
4 41 2 1.8 6.6 0.6 94.9 99.8
5 4N 4 2.9 5.8 0.3 95.5 99.9
6 2 2 3.5 4.8 11 96.3 96.6
7 3 2 4.0 5.5 11 95.8 96.6
8 4/3 4 4.6 5.6 12 95.7 96.2
9 513 2 3.8 5.5 15 95.8 95.3
10 3 4 5.5 5.4 9 95.8 97.2
Y Calculated salt produced, 0.13 gram per ft>.
2/ Ash concentration inlet gas, 0.32 grain per ft°.
A Distribution plate only, 0.1- in holes.
[ 4/ Steam rate 3.0 pph.
: H) Steam rate 4.0 pph.
g
K TABLE 2. — Representative data on continuous SO, removal by NH injection
k Cumulative | pH scrubber | Solution conductivity, SO,, ppm Solution regen- Removal
k time, hrs solution mhos x 104 Inlet | Outlet | eration rate, cc/hr | efficiency, pct
n 3.0 5.20 5.40 1,000 150 2,400 85
\ 9.5 4.85 15.40 1,000 45 2,000 95
\’ 15.0 4.30 5.18 1,000 120 1,056 88
AN 20.0 445 5.01 1,225 130 1,440 89
24.0 4.30 5.10 1,250 90 1,056 93
29.0 4.18 5.30 1,250 220 1,056 82
35.0 5.02 5.50 1,650 220 1,056 87
l 43.0 4.30 4.89 885 25 600 97
- 47.0 3.80 4.80 1,030 39 240 96
\ 51.0 3.03 4.83 930 | 51 240 94
\ 55.0 423 4.11 _910 | Y20 2,100 97
4 61.0 4.39 3.69 910 210 2,100 77
}‘ N 67.0 5.42 3.49 1,000 10 0 99
h 72.0 4.02 445 930 0 0 100
76.0 3.16 4.74 1,090 0 1,056 100
83.0 454 3.90 1,200 0 2,100 100
) 89.0 4.29 3.50 1,100 0 2,100 100
L 93.0 4.02 2.90 1,030 220 2,400 79
. 97.0 2.90 3.05 780 760 2,700 3
Lo 1015 3.98 1.93 780 | 2505 ) 4,200 35
N 102.0 3.78 1.80 1,030 | 505 > 4,200 50
| 104.0 472 1.55 1,400 | 590 >4.200 58
v 105.0 395 - 1.50 1,900 910 4,200 52

! 4 Anaiysis by wet chemical method, 30 ppm. -

2J Analysis by wet chemical method, 510 ppm.
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FIGURE 2. — Flow Diagram for Pilot-Scale SO, Removal Systém
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“ AQUEOUS SCRUBBING O No,, FROM STACK GASES. G. A. Chappell, Esso Research and
Engineering Company, Linden, New Jersey, 0703

A bench-scale batch scrubbing unit has been used to screen various solutions for J
NOx absorption from synthetic flue gas. The blended gas stream contzined 12% €Oy, 3% 0y,
700 ppm NO,, 8% stcam, variable SCy, and ¥,. The mixture, flowing at 3200 cc/min,
bubbled through cne liter of scrubbing solution maintained at 1259F, The efflucnt gas 7
was analyzed spectrophotometyically fer KO, MO, and S0,. Ve investigated the effect ofA
NOp addition on the sorption of NO by using a flue gas containing 350 ppm each of the tw
coxides. Of the many solutions and slurries studied, sulfites and amines were the most J
effective at NO, absorption. Concentrated ammonium hydroxide (65°F) removed 74% cf the/
NO . and 80% of the NOZ whereas a saturated sodium sulfite solution (12)0F) absorbed 167 o
the XO and 1007 of the KOp. A slurry of CaSOj3 absorbed 357 of the NO and 66% .of the \07/
The sulfite systems are quite unreactive toward RO in the absence of 10,; however, the
presence of NO has little effect ugon the absorption of h02 These and other results
w1ll be presentced and discussed in more detail.
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THE CHEMISTRY OF POLLUTION CONTROL THROUGH COMBUSTION MODIFICATIONS, D. W. Pershi
and E. E. Berkau, Environmental Protection Agency, Office of Air Programs, Research
Triangle Park, North Carolina 27711.

©  The major pollutant emissions from fossil-~fuel burning boilers and furnaces are
sulfur oxides (SO.), nitrogen oxides (NO‘), and particulates. Of these, NO, and part-
iculates are strong functions of the combustion system and are, therefore, amenable to

. control through combustion modification. Technigues such as flue gas recirculation,

stagged combustion, and off stoichiometric firing have been extremely effecctive in reduc—
ing NO, emissions from many gas fired boilers and to a lessor extent from oil and coal~
fired units. Recent studies have also shown that burner design and air introductien
ccheme can have pronounced cffects on NOy formation. In an effort tc becter understanc
the controlling phenomena kinetic and aerodynamic medelling progrems were initiated.
Their results indicate that for natural gas svstems it is possible to utilize existcd
chemical rate data and predict qualitatively the results obscrved in the field. Uniovtu-
nately, similar successes were not achieved with oil and coal-fired systems. Thus, this
paper is an attempt to review and explain the existing control techniques, to show the
thcorctical basis upon. which they are founded and to point out these areas where mora
experinental work is needed, especially in the areas of chemical kinetics and reaction
mechanism, : '




